Chapter ]

Binary Distillation

In distillation (fractionation), a feed mixture of two or
more components 1s separated into two or more products,
including, and often limited to, an overhead distillate and a
bottoms, whose compositions differ from that of the feed.
Most otten, the teed 1s a liquid or a vapor—liquid mixture. The
bottoms product 1s almost always a liquid, but the distillate
may be a liquid or a vapor or both. The separation requires
that (1) a second phase be formed so that both liquid and
vapor phases are present and can contact each other on each
stage within a separation column, (2) the components have
different volatilities so that they will partition between the
two phases to different extents, and (3) the two phases can be
separated by gravity or other mechanical means. Distillation
differs from absorption and stripping in that the second fluid
phase 1s usually created by thermal means (vaporization and
condensation) rather than by the introduction of a second
phase that may contain an additional component or com-
ponents not present 1n the feed mixture.

According to Forbes [1], the art of distillation dates back
to at least the first century A.D. By the eleventh century,
distillation was being used in Italy to produce alcoholic
beverages. At that time, distillation was probably a batch
process based on the use of just a single stage, the boiler. The
feed to be separated, a liquid, was placed in a vessel to which
heat was applied, causing part of the liquid to evaporate. The
vapor passed out of the heating vessel and was cooled 1n

7.0 INSTRUCTIONAL OBJECTIVES

After completing this chapter, you should be able to:

another chamber by transfer of heat through the wall of the
chamber to water, producing condensate that dripped 1nto a
product receiver. The word distillation 1s derived trom the
Latin word destillare, which means dripping or trickling
down. By at least the sixteenth century, 1t was known that the
extent of separation could be improved by providing
multiple vapor-liquid contacts (stages) mn a so-called
Rectificatorium. The term rectification 1s derived trom the
Latin words recte facere, meaning to improve. Modern
distillation derives its ability to produce almost pure
products from the use of multistage contacting.

Throughout the twentieth century, multistage distillation
was by far the most widely used industrial method for
separating liquid mixtures of chemical components. Unfor-
tunately, distillation is a very energy-intensive technique,
especially when the relative volatility, a, of the components
being separated 1s low (< 1.50). Mix et al. [2] report that the
energy consumption for distillation in the United States for
1976 totaled 2 x 10" Btu (2 quads), which was nearly 3% of
the entire national energy consumption. Approximately two-
thirds of the distillation energy was consumed by petroleum
refining, where distillation 1s widely used to separate crude
o1l into petroleum fractions, light hydrocarbons (C,’s to
Cs’s), and aromatic chemicals. The separation of other
organic chemicals, often in the presence of water, 1s widely
practiced in the chemical industry.

» Explain the difference between distillation and absorption or stripping.

* Explain the need in distillation for a condenser to produce reflux and a reboiler to produce boilup

* Enumerate factors that influence design of a distillation column.

* Distinguish between required specifications and results that can be obtained from the McCabe-Thiele method for

continuous binary distillation.

» Determine the five construction lines used in the McCabe-Thiele method using component material balances and

vapor—liquid equilibrium relations.

~ Explain the concept of “constant molar overflow,” assumptions required for 1ts validity, and why it eliminates the

need for energy balances around stages.

e Distinguish among five possible phase conditions of the feed.

* Apply the McCabe-Thiele method for determining minimum reflux ratio, minimum number of equilibrium
stages, number of equilibrium stages for a specified reflux ratio greater than minimum, and optimal feed-stage
location, given the required split between the two feed components.
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° oelect an appropriate condenser and a suitable operating pressure for a distillation separation.
* Explain differences among the three most common types of reboilers.
* Calculate condenser and reboiler heat duties and consider use of a feed preheater.

* Determine the optimal reflux ratio.

* Use the Murphree vapor stage efficiency to determine actual number of stages (plates) from the number of

equilibrium stages.

e Extend the McCabe-Thiele method to multiple feeds, side streams, and open steam (in place of a reboiler).
* Estimate overall stage efficiency for binary distillation from correlations and laboratory column data.

* Determine the diameter of a trayed tower and size of the reflux drum.

* Determine packed height and diameter of a packed column. _

* Use an enthalpy-concentration diagram when assumption of “constant molar overflow” is not valid.

Industrial Example

The fundamentals of distillation are best understood by
the study of binary distillation, the separation of a two-
component mixture, which is the subject of this chapter.
The more general and much more difficult case of a
multicomponent mixture is covered in Chapters 10 and 11.
A representative binary distillation operation is shown in
Figure 7.1 for the separation of 620 Ibmol/h (0.0781 kmol/s)
of a biary mixture of 46 mol% benzene (the more volatile
component) and 54 mol% toluene. The purpose of the
25-sieve-tray (equivalent to 20 theoretical stages plus a
partial reboiler that acts as an additional theoretical stage)

Total condenser
11,820,000 Btu/hr

CW

=
N
( Reflux drum )18 psi;
} 18 psi
Reflux o
Distiliate
1 (&) ()
623 Ibmol/h 99 moi% benzene
189° F
Feed 10 |
bubbie-point - |
liquid, 55 psia 13 b-ft diameter,
1 24-in.-tray-spacing
620 Ibmol/h 16 sieve trays
46 mol% benzenel]« |
54 mol% toluene
25 |
Boilup
708 Ibmol/h
Partial
reboiler

10,030,000
Btu/h o

98 moi% toluene
251° F

Figure 7.1 Distillation of a binary mixture of benzene and
toluene.

distillation column is to separate the feed into a liquid
distillate of 99 mol% benzene and a liquid bottoms product
of 98 mol% toluene. The column operates at a pressure in the
reflux drum of 18 psia (124 kPa), just slightly above ambient
pressure. For a negligible pressure drop across the condenser
and a vapor pressure drop of 0.1 psi/tray (0.69 kPa/tray),
the pressure in the reboiler is 18 + 0.1(25) = 20.5 psia
(141 kPa). In this range of pressure, benzene and toluene
form nearly ideal mixtures with a relative volatility of from
2.26 at conditions of the bottom tray to 2.52 at the top tray,
as determined from Raoult’s law by (2-44). The reflux ratio
(reflux rate to distillate rate) is 2.215. If an infinite number of
stages were used, the required reflux ratio would be a
minimum value of 1.708. Thus, the ratio of reflux rate to
minimum reflux rate for this example is 1.297. Most
distillation columns are designed to operate with optimal-
reflux-to-minimum-reflux ratios of 1.1 to 1.5. If an infinite
ratio of reflux to minimum reflux were used, only 10.7
theoretical stages would be required. Thus, the ratio of
theoretical stages to minimum theoretical stages for this
example is 21/10.7 = 1.96. For most distillation columns,
this ratio 1s approximately 2. The stage efficiency is 20/25 or
80%. This 1s close to the average efficiency observed for
distillation.

The feed to the separation operation of Figure 7.1 is a
saturated liquid at 55 psia (379 kPa). A bubble-point
calculation gives a temperature of 294°F (419 K). When this
feed 1s flashed adiabatically across the feed valve to the feed
tray pressure of 19.25 psia (133 kPa), the feed temperature
drops to 220°F (378 K), causing 23.4 mol% of the feed to be
vaporized. A total condenser is used to obtain saturated
liquid reflux and hiquid distillate at a bubble-point
temperature of 189°F (360 K) at 18 psia (124 kPa). The duty
of the condenser 1s 11,820,000 Btu/h (3.46 MW). At the
bottom of the column, a partial reboiler is used to produce
vapor boilup and a liquid bottoms product. Assuming that
the boilup and bottoms are in physical equilibrium, the
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partial reboiler functions as an additional theoretical stage,
giving a total of 21 theoretical stages. Because the bottoms
product s a saturated liquid, its temperature of 251°F (395 K)
corresponds to the bubble point of the bottoms at 20.5 psia
(141 kPa). The duty of the reboiler is 10,030,000 Btu/h
(2.94 MW), which 1s within 15% of the condenser duty.

The inside diameter of the distillation column in Figure /.1
1s a constant 5 ft (1.53 m). At the top tray this diameter
corresponds to 84% of flooding, while at the bottom tray the
percent flooding 1s 81%. As shown, the column can be fed at
any one of three trays. For the design conditions, the optimal
feed entry 1s between trays 12 and 13. However, should the
feed composition or product specifications change, one of the
other two feed trays could become optimal.

Distillation columns similar to that of Figure 7.1 have
been built tfor diameters up to at least 30 ft (9.14 m). With a
24-1n. (0.61-m) tray spacing, the maximum number of trays
included 1n a single column is usually no greater than 150. In
general, tor the sharp separation of a binary mixture with a
relative volatility less than 1.05, distillation can require
many hundreds of trays, so a more efficient separation

technique should be sought. Even when distillation 1s the
most economical separation technique, 1ts second-law
efficiency, using the calculational procedure developed in
Chapter 2, can be less than 10%.

Technically, distillation 1s the most mature separation
operation. Design and operation procedures are well estab-
lished; for example, see Kister [3, 4]. Only when vapor—
liquid equilibrium or other data are uncertain 1s a laboratory
and/or pilot-plant study necessary prior to the design of a
commercial unit. Table 7.1, taken partially from the study of
Mix et al. [2], lists just some of the more common commercial
binary distillation operations in decreasing order of ditficulty
of separation. Included are representative nominal values of
relative volatility, number of trays, column operating
pressure, and reflux-to-minimum-reflux ratio. Although the
data in Table 7.1 refer to trayed towers, distillation can also be
carried out in packed columns. More and more frequently,
additional distillation capacity 1s being achieved with existing
trayed towers by replacing all or some of the trays with
sections of random or structured packing.

Table 7.1 Representative Commercial Binary Distillation Operations [2]

Typical :
Average Operating Reflux-to-
Relative Number Pressure, Minimum-

Binary Mixture Volatility of Trays psia Reflux Ratio
1,3-Butadiene/vinyl acetylene 1.16 130 75 1.70
Vinyl acetate/ethyl acetate 1.16 90 15 1.15
0-Xylene/m-xylene 1.17 130 15 1.12
Isopentane/n-pentane 1.30 120 30 1.20
Isobutane/n-butane 1.35 100 100 1.15
Ethylbenzene/styrene 1.38 34 1 1.71
Propylene/propane 1.40 138 280 1.06
Methanol/ethanol 1.44 73 15 1.20
Water/acetic acid 1.83 40 15 1.35
Ethylene/ethane 1.87 73 230 1.07
Acetic acid/acetic anhydride 2.02 50 15 1.13
Toluene/ethylbenzene 2.15 28 15 1.20
Propane/1,3-butadiene 2.18 40 120 1.13
Ethanol azeotrope/water 2.21 60 15 1.35
Isopropanol/water 2.23 12 15 1.28
Benzene/toluene 3.09 34 15 1.15
Methanol/water 3.27 60 45 1.31
Cumene/phenol 3.76 38 1 1.21
Benzene/ethylbenzene 6.79 20 15 1.14
HCN/water 11.20 15 50 1.36
Ethylene oxide/water , 12.68 50 50 1.19
Formaldehyde/methanol 16.70 23 50 1.17

16 4 1.20

Water/ethylene glycol 31.20
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In this chapter, equipment for conducting distillation
operations 18 discussed and fundamental equilibrium-based
and rate-based calculational procedures are developed for
binary mixtures. Trayed and packed distillation columns are

7.1 EQUIPMENT AND DESIGN
CONSIDERATIONS

Industrial distillation operations are most commonly con-
ducted in trayed towers, but packed columns are finding
increasing use. Occasionally, distillation columns contain
both trays and packing. Types of trays and packings are iden-
tical to those used for absorption and stripping, as described
in Section 6.1, shown in Figures 6.2 to 6.7, and compared in
Tables 6.2 and 6.3.

- Factors that influence the design or analysis of a binary-
distillation operation include:

1. Feed flow rate, composition, temperature, pressure,
and phase condition

2. Desired degree of separation between two compo-
nents

3. Operating pressure (which must be below the critical
pressure of the mixture)

4. Vapor pressure drop, particularly for vacuum
operation

5. Mimimum reflux ratio and actual reflux ratio

6. Minimum number of equilibrium stages and actual
number of equilibrium stages (stage efficiency)

7. Type of condenser (total, partial, or mixed)
8. Degrees of subcooling, if any, of the liquid reflux
9. Type of reboiler (partial or total)

10. Type of contacting (trays or packing or both)

11. Height of the column

12. Feed-entry stage

13. Diameter of the column

14. Column internals.

The phase condition (also called thermal condition) of the
feed 1s determined at the feed-tray pressure by an adiabatic-
flash calculation across the feed valve. As the molar fraction
of vapor 1n the feed increases, the required reflux ratio (L/D)
increases, but the corresponding boilup ratio (V/B) decreases.
The column operating pressure in the reflux drum should
correspond to a distillate temperature somewhat higher (e.g.,
10 to 50°F or 6 to 28°C) than the supply temperature of the
cooling water used as the coolant in the overhead condenser.
However, 1f this pressure approaches the critical pressure of
the more volatile component, then a lower operating pressure
must be used and a refrigerant is required as coolant. For
example, 1in Table 7.1, the separation of ethylene/ethane is

identical mm most respects to the absorption and stripping
columns discussed 1n the previous chapter. Therefore, where
appropriate, reference i1s made to Chapter 6 and only
important differences are discussed in this chapter.

conducted at 230 psia (1,585 kPa), giving a column top tem-
perature of —40°F (233 K), which requires a refrigerant.
Water at 30°F (300 K) cannot be used in the condenser
because the critical temperature of ethylene 1s 48.6°F (282 K).
If the estimated pressure is less than atmospheric pressure, the
operating pressure at the top of the column is often set just
above atmospheric pressure to avoid vacuum operation, un-
less the temperature at the bottom of the column is found to
exceed a bottoms temperature limited by decomposition,
polymerization, excessive corrosion, or other chemical reac-
tion. In that case, vacuum operation is necessary. In Table 7.1,
vacuum operation 1s required for the separation of ethyl-
benzene from styrene to maintain a bottoms temperature
sutficiently low to prevent polymerization of styrene.

For given (1) teed, (2) desired degree of separation, and
(3) operating pressure, a minimum reflux ratio exists that cor-
responds to an infinite number of theoretical stages; and a
minimum number of theoretical stages exists that corre-
sponds to an infinite reflux ratio. A design trade-off is usually
made between the number of stages and the reflux ratio. A
graphical method for determining the data needed to make
this trade-oft and to determine the optimal feed-stage location
1s developed 1n the next section.

7.2 McCABE-THIELE GRAPHICAL
EQUILIBRIUM-STAGE METHOD FOR
TRAYED TOWERS

Consider the general countercurrent-flow, multistage, binary-
distillation operation shown in Figure 7.2. The operation con-
sists of a column containing the equivalent of N theoretical
stages; a total condenser in which the overhead vapor leaving
the top stage 1s totally condensed to give a liquid distillate
product and liquid reflux that is returned to the top stage; a
partial reboiler in which liquid from the bottom stage is par-
tially vaporized to give a liquid bottoms product and vapor
bo1ilup that 1s returned to the bottom stage, and an intermedi-
ate feed stage. By means of multiple, countercurrent contact-
ing stages arranged in a two-section cascade with reflux and
bo1lup, as discussed 1n Section 5.4, it is possible to achieve a
sharp separation between the two components in the feed un-
less an azeotrope 1s formed, in which case one of the two
products will approach the azeotropic composition.

The feed, which contains a more-volatile (light) com-
ponent (the [light key, LK), and a less-volatile (heavy)



256 Chapter 7 Binary Distillation

Total condenser

Overhead vapor

( ) Reflux drum

Reflux Distillate
Top stage 1 *____L____,
Light-key
mole fraction = x,
Rectifying |
section
stages
Feed
e >3
Light-key - Feed stage
mole fraction = z,;
Stripping
section
stages
Bottom N _
stage Bollup

-
Partial
reboller

Bottoms

Light-key
mole fraction = x,

Figure 7.2 Distillation operation using a total condenser and
partial reboiler.

component (the heavy key, HK), enters the column at a feed
stage, f. At the feed-stage pressure, the feed may be liquid,
vapor, or a mixture of liquid and vapor, with its overall
mole-fraction composition with respect to the light compo-
nent denoted by zr. The mole fraction of the light key 1n the
distillate is xp, while the mole fraction of the light key in the
bottoms product 1s xg. Corresponding compositions with re-
spect to the heavy keyare 1 — zp, 1 —xp,and 1 — xp.

The goal of distillation 1s to produce from the feed a dis-
tillate, rich in the light key (i.e., xp approaching 1.0), and a
bottoms product, rich in the heavy key (1.e., xp approaching
0.0). The ease or difficulty with which the separation can be
achieved depends on the relative volatility, a, of the two
components (LK = 1 and HK = 2), where

a2 = Ki1/K (7-1)

Methods for estimating K-values are discussed in Chapter 2.
[f the two components form ideal solutions and tollow the
ideal-gas law in the vapor phase, Raoult’s law applies to give

Klﬂpls/P and Kgi 25/P

and from (7-1), the relative volatility 1s given simply by
the ratio of vapor pressures, a; o = P;/P, and thus 1s a
function only of temperature. As discussed in Section 4.2, as
the temperature (and therefore the pressure) increases, o 7

decreases. At the convergence pressure of the mixture,
a2 = 1.0 and a separation cannot be achieved at this or any
higher pressure.

The relative volatility can be expressed in terms of equi-
librium vapor and liquid compositions from the definition of
the K-value as K; = y;/x;. For a binary mixture,

yi/xr il —xp)

Oy » = - (7-2)
"2 yo/x2  x1(1 —y1)
Solving (7-2) for yy,
Ol 2X]
— ’ (7-3)
V! 1 + x1(on — 1)

For ideal binary mixtures of components with close boil-
ing points, the temperature change over the column 1s small
and o » 1s almost constant. In any case, for a given pressure
P and liquid-phase composition x|, the Gibbs phase rule, dis-
cussed in Chapter 4, fixes the temperature and equilibrium-
vapor composition. An equilibrium curve for the benzene—
toluene system 1S shown 1n Figure 7.3, where y and x
correspond to the light key, benzene, and the pressure i1s
| atm, at which pure benzene and pure toluene boil at 176
and 231°F, respectively. Thus, these two components are not
close-boiling. Using (7-3) with this curve, a varies from
about 2.6 at the bottom of the curve to about 2.35 at the top
of the curve. Representative equilibrium curves for some
average values of a are shown in Figure 4.5. The higher the
average value of «, the easier it 1s to achieve the desired sep-
aration. Average values of o for the distillation operations in
Table 7.1 range from 1.16 to 81.2.

In 1925, McCabe and Thiele [5] published an approxi-
mate graphical method for combining the equilibrium curve
of Figure 7.3 with operating-line curves to estimate, for a
given binary-feed mixture and column operating pressure,
the number of equilibrium stages and the amount of reflux
required for a desired degree of separation of the feed.
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Figure 7.3 Equilibrium curve for benzene—toluene at 1 atm.
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Although computer-aided methods, discussed later in
Chapter 10, are more accurate and easier to apply, the graph-
ical construction of the McCabe-Thiele method greatly
facilitates the visualization of many of the important aspects
of multistage distillation, and therefore the effort required to
learn the method is well justified.

Typical problem specifications for and results from the
McCabe-Thiele method are summarized in Table 7.2. This
table applies to a simple, binary-distillation operation, like
that in Figure 7.2, for a single feed and two products. The
distillate can be a liquid from a total condenser, as shown in
Figure 7.2, or a vapor from a partial condenser. The feed
phase condition must be known at the column pressure,
which 1s assumed to be uniform throughout the column for
the McCabe-Thiele method. The type of condenser and
reboiler must be specified, as well as the ratio of reflux to
minimum reflux. From the specification of xp and xp for the
light key, the distillate and bottoms flow rates, D and B, are
fixed by material balance, since

FZF --—:xDD—FxBB
But, B = F — D and theretfore

Fzp=xpD +xp(F — D)

Table 7.2 Specifications for and Results from the
McCabe—Thiele Method for Binary Distillation

Mole fraction of more volatile component (light key)
in the vapor, )

Specifications

F Total feed rate

ZF - Mole-fraction composttion of the feed

P Column operating pressure (assumed uniform

throughout the column)
Phase condition of the feed at column pressure
Vapor-liquid equilibrium curve for the binary
mixture at column pressure

Type ot overhead condenser (total or partial)
Type of reboiler (usually partial)

Xp Mole-fraction composition of the distillate

XpB Mole-fraction composition of the bottoms

R/Rmin Ratio of reflux to minimum reflux

Results

D Distillate flow rate

B Bottoms flow rate

Nuin Minimum number of equilibrium stages

Rpin Minimum reflux ratio, Ly /D

R Reflux ratio, L/D

Ve Boilup ratio, V /B

N Number of equilibrium stages

Optimal feed-stage location
Stage vapor and liquid compositions

All mole fraction compositions are for the light key.

1.0

Equation:
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0.2 T B
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V vV

0.1. x=x3

0
0 0.1 02 03 04 05 06 0.7 08 09 1.0

Mole fraction of more volatile component
(light key) in the liquid, x

Figure 7.4 Construction lines for McCabe-Thiele method.

Or

D=F (ZF - XB)
XD — XB
This result requires xp < zr < Xp. :

The McCabe-Thiele method determines not only N, the
number of equilibrium stages, but also Npin, Rmin, and the
optimal stage for feed entry. Following the application of the
McCabe-Thiele method, energy balances are applied to esti-
mate condenser and reboiler heat duties.

Besides the equilibrium curve, the McCabe-Thiele
method involves a 45° reference line, separate operating
lines tor the upper rectifying (enriching) section of the col-
umn and the lower stripping (exhausting) section of the col-
umn, and a fifth line (the g-line or feed line) for the phase or
thermal condition of the feed. A typical set of these lines is

shown in Figure 7.4. Equations for these lines are derived 1n
the following subsection.

Rectifying Section

As shown 1n Figure 7.2, the rectifying section of equilibrium
stages extends from the top stage, 1, to just above the feed
stage, f. Consider a top portion of the rectifying stages, in-
cluding the total condenser. A material balance for the light
key over the envelope shown in Figure 7.5a for the total con-
denser and stages 1 to n 1s as follows, where y and x refer to
vapor and liquid mole fractions, respectively, for the light
key:

Va1 Yn+1 = Luxy + Dxp (7-4)
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Voi] = ——Xp Xp (7-5)  needed to determine condenser and reboiler duties, as dis-
Vit Vit cussed later.

Equation (7-5) relates the compositions, y,.; and x,, of two
passing streams, V, 1 and L,, respectively. For (7-5) to plot
as a straight line of the form y = mx + b, which 1s the locus
of compositions of all passing streams 1n the rectifying sec-
tion, total molar flow rates L and V must not vary from stage
to stage. This 1s the case if:

1. The two components have equal and constant molar
enthalpies of vaporization (latent heats).

2. Component sensible-enthalpy changes (CpAT) and

heat of mixing are negligible compared to latent heat
changes.

. The column 1s well msulated so that heat loss 1s
negligible.

. The pressure 1s uniform throughout the column (no
pressure drop).

These assumptions are referred to as the McCabe—Thiele as-
sumptions leading to the condition of constant molar over-
flow 1n the rectifying section, which refers to a molar liquid
flow rate that remains constant as the liquid overflows each
welr from one stage to the next. Since a total material bal-
ance for the rectifying-section envelope in Figure 7.5a gives
Vue1 = L, + D, if L 1s constant, then V 1s also constant for a
particular value of D. Thus, (7-5) can be rewritten as

L D
Yy = =X+ —Xp

Vv v (7-6)

as shown 1n Figure 7.4. Thus, the slope of the operating line
1s L/V, which 1s constant. Because V > L, L/V < 1 1n the
rectifying section, as seen in Figure 7.5b.

For constant molar overflow, it is not necessary to con-
sider energy balances in either the rectifying or stripping

The liquid entering the top stage 1S the external reflux
rate, Ly, and its ratio to the distillate rate, Ly/D, 1s the reflux
ratio, R. Because of the assumption of constant molar over-
flow, R is a constant i1n the rectitying section, equal to L/D.
Since V = L + D, the slope of the operating line 1s readily
related to the reflux ratio: “'

L L  L/D R 37
V. L+D L/D+D/D R+1
Similarly,
D D l
= (7-8)

V L+D R+1

Combining (7-6), (7-7), and (7-8) produces the most useful
form of the operating line for the rectifying section:

o= () e+ () o

If values of R and xp are specified, (7-9) plots as a straight
line with an intersection at y = xp on the 45° line, a slope of
L/V=R/(R + 1), and an imtersection at y = xp/(R + 1) for
x = 0, as shown 1n Figure 7.5b, which also contains a 45°
line and an equilibrium curve. The equilibrium stages are
stepped off in the manner described in Section 6.3 for ab-
sorption. Starting from the point (y; = xp, X0 = xp) on the
operating line and the 45° line, a horizontal line is drawn to
the lett until it intersects the equilibrium curve at (y, x1), that
1s, the compositions of the equilibrium phases leaving the
top equilibrium stage. A vertical line 1s now dropped until it
intersects the operating line at the point (y;, x;), the compo-
sitions of the two phases passing each other between stages
1 and 2. The horizontal- and vertical-line constructions are

R
R+ 1

1
R+ 1

(7-9)
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continued down the rectifying section in the manner shown
in Figure 7.5b to give the staircase construction shown,
which 1s arbitrarily terminated at stage 5. The optimal stage
for termination is considered later.

Stripping Section

As shown in Figure 7.2, the stripping section of equilibrium
stages extends from the feed to the bottom stage. In
Figure 7.6a, consider a bottom portion of the stripping
stages, including the partial reboiler and extending up from

stage N to stage m + 1, located somewhere below the feed. |

A material balance for the light key over the envelope shown
in Figure 7.6a results in

Lx,, = Vy,i1 + Bxp (7-10)
Solving for y,,41:
L B
Ym+1 = "{/:xm VxB
L B
or y = -{/_-.-x — --{/:-xB (7-11)

where L and V are the total molar flows, which by the
constant-molar-overflow assumption remain constant from
stage to stage. The slope of this operating line for the com-
positions of passing steams in the stripping section 1s seen to
be L/V.Because L > V, L/V > 1, as seen in Figure 7.6b.
This is the inverse of conditions in the rectifying section.
The vapor leaving the partial reboiler 1s assumed to be in
equilibrium with the hiquid bottoms product. Thus, the par-
tial reboiler acts as an additional equilibrium stage. The
vapor rate leaving it is called the boilup, Vy.1, and its ratio
to the bottoms product rate, Vz = Vy41/B, is the boilup
ratio. Because of the constant-molar-overflow assumption,
Vp is constant in the stripping section. Since L = V + B,
émVi—BMEVB-I—l (7-12)
V vV 4:

Mole fraction of light key in the liquid, x

Figure 7.6 McCabe-Thiele
operating line for the stripping

(b) section.
Similarly,
B ]
= = T 7-13
V. Vg ( )

Combining (7-11), (7-12), and (7-13), the operating-line
equation for the stripping section becomes

(VB+1) (1)
== X — | — } X5
Vi Va

If values of Vy and xz are known, (7-14) can be plotted,
together with the equilibrium curve-and a 45° line, as a
straight line with an intersection at y = xg on the 45° line and
a slope of L/V = (Vg + 1)/ Vg, as shown in Figure 7.6b.
The equilibrium stages are stepped off, in a manner similar
to that described for the rectifying section, starting from the
point (y = xg, x = xg) on the operating and 45° lines and
moving upward on a vertical line until the equilibrium curve
is intersected at (y = yp, x = xp), which represents the equi-
librium mole fractions in the vapor and liquid leaving the
partial reboiler. From that point, the staircase 1s constructed
by drawing horizontal and then vertical lines, moving back
and forth between the operating line and equilibrium curve,
as observed in Figure 7.6b, where the staircase is arbitrarily
terminated at stage m. Next, we determine where to termi-

(7-14)

‘nate the two operating lines.

Feed-Stage Considerations

Thus far, the McCabe—Thiele construction has not consid-
ered the feed to the column. In determining the operating
lines for the rectifying and stripping sections, 1t 1S very im-
portant to note that although xp and xg can be selected inde-
pendently, R and Vp are related by the feed phase condition.

Consider the five possible feed conditions shown in
Figure 7.7, which assumes that the feed has been flashed
adiabatically to the feed-stage pressure. If the feed is a
bubble-point liquid, it adds to the reflux, L, coming from the
stage above to give L = L + F. If the feed is a dew-point
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: | feed; (e) superheated-vapor feed.
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Unit Operations of Chemical Engineering, 3th ed.,
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vapor, 1t adds to the boilup vapor, V, coming from the stage
below to give V = V + F. For a partially vaporized feed, as
shown in Figure 7.7¢c, F=Lp + Vrpand L = L 4+ Ly and
V =V + V. If the feed is a subcooled liquid, it will cause
a portion of the boilup, V, to condense, giving L > L + F
and V < V. If the feed is a superheated vapor, it will cause
a portion of the reflux, L, to vaporize, giving L < L and
V>V+F.

For cases (b), (¢), and (d) of Figure 7.7, covering a range
of feed conditions from a saturated liquid to a saturated

vapor, the boilup V' is related to the reflux L by the material
balance:

| V=L+D-—Vg (7-15)

and the boilup ratio, Vg = V /B, 18
L+D—-YV '
Vg = +B 4 (7-16)

Alternatively, the reflux can be determined from the
boilup by

L=V +B-—Lpg (7-17)

Although distillation operations can be specified by either
the reflux ratio R or the boilup ratio Vg, by tradition R or
R/ Rmin 18 used because the distillate product is most often
the more 1important product.

For the other two cases, (a) and (e) of Figure 7.7, Vp and
R cannot be related by simple material balances alone. It is
necessary to consider an energy balance to convert sensible

enthalpy 1nto latent enthalpy of phase change. This is most

McGraw-Hill, New York (1993).]

conveniently done by defining a parameter, g, as the ratio of
the increase in molar reflux rate across the feed stage to the
molar feed rate, '

_L-r (7-18)
1T TF
or by material balance around the feed stage,
=Y (7-19)
17 F

Values of g for the five feed conditions are

Feed condition q

Subcooled liquid > 1
Bubble-point iquid 1

Partially vaporized  Lg/F = 1— molarfraction vaporized
Dew-point vapor 0

Superheated vapor <0

To determine values of g for subcooled liquid and super-
heated vapor, a more general definition of g 1s applied:

g = enthalpy change to bring the feed to a dew-point vapor
divided by enthalpy of vaporization of the feed (dew-point
vapor minus bubble-point hiquid), that 1s,

(h F )sat’d vapor temperature ~ (h F)feed temperature

1= Eﬂh F)sat’d vapor temperature ~ (N F)sard liquid temperature
(7-20)
For a subcooled liquid feed, (7-20) becomes
AHY® + Cp (T, — T
g = p,(Ip — TF) (721)

A HV&p
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For a superheated vapor, (7-20) becomes

_ Cp (T4 —TF)
4 = A H vap

(7-22)

where Cp, and Cp, are the liquid and vapor molar heat ca-
pacities, respectively, AHY® is the molar enthalpy change
trom the bubble point to the dew point, and Tr, T, and T}, are
the feed, dew-point, and bubble-point temperatures, respec-
tively, of the feed at the column operating pressure.

Instead of using (7-14) to locate the stripping operating
line on the McCabe-Thiele diagram, it 1s more common to
use an alternative method that involves a g-line (teed line),
which 1s included in Figure 7.4. The g-line, one point of
which 1s the intersection of the rectifying and stripping oper-

ating lines, is derived in the following manner. Combining
(7-11) with (7-6) g1ves

WV —V)=(L—L)x+ Dxp+Bxg  (7-23)
But
Dxp + Bxg = Fzp (7-24)
and a material balance around the feed stage gives
F+V+L=V+L (7-25)
Combining (7-23) to (7-25) with (7-18) gives
() () o
q—1 q — 1

which 1s the equation for the g-line. This line is located on
the McCabe-Thiele diagram by noting that when x = zp,
(7-26) reduces to the point y = zr = x, which lies on the 45°
line. From (7-26), the slope of the line 1s g/(g — 1). This
construction 1s shown in Figure 7.4 for a partially vaporized
teed, tor which0 < g < 1and —o0 < [g/(g — 1)] < 0. Fol-
lowing the placement of the rectifying-section operating line
and the g-line, the stripping-section operating line 1s located
by drawing a straight line from the point (y = xz, x = xp) on
the 45° line to and through the point of intersection of the
g-line and the rectifying-section operating line as shown 1n
Figure 7.4. The point of intersection must lie somewhere
between the equilibrium curve and the 45° line.

As g changes from a value greater than 1 (subcooled lig-
uid) to a value less than O (superheated vapor), the slope of
the g-line, gq/(q — 1), changes from a positive value to a
negative value and back to a positive value, as shown 1n Fig-
ure 7.8. For a saturated liquid feed, the g-line is vertical; for
a saturated vapor, the g-line 1s horizontal.

Determination of Number of Equilibrium Stages
and Feed-Stage Location

Following the construction of the five lines shown in
Figure 7.4, the number of equilibrium stages required for the
entire column, as well as the location of the feed stage, are
determined by stepping off stages by any of several ways.
The stages can be stepped off first from the top down and

Figure 7.8 Effect of thermal condition of feed on slope of g-line.

then from the bottom up, as described above, until a point of
merger 1s found for the feed stage. Alternatively, the stages
can be stepped off from the bottom all the way to the top, or
vice versa. Hardly ever will an integer number of stages
result, but rather a fractional stage will appear near the mid-
dle, at the top, or at the bottom. Usually the staircase 1s
stepped off from the top and continued all the way to the bot-
tom, starting from the point (y = xp, x = xp) on the 45° line,
as shown 1n Figure 7.9 tor the case of a partially vaporized
feed. In that figure, point P is the intersection of the g-line
with the two operating lines. The transter point tor stepping
off stages between the rectifying-section operating line and
the equilibrium curve to stepping ‘off stages between the
stripping-section operating line and the equilibrium curve
occurs at the feed stage. In Figure 7.9a, the feed stage 1is
stage 3 from the top and a fortuitous total of exactly five
stages 1s required, where the last stage 1s the partial reboiler.
In Figure 7.9b the feed stage 1s stage 5 and a total of about
6.4 stages 1s required. In Figure 7.9¢, the feed stage 1s stage
2 and a total of about 5.9 stages 1s required. In Figure 7.9b,
the stepping off of stages in the rectifying section can be
continued indefinitely, finally approaching, but never reach-
ing, point K. In Figure 7.9c¢, if the stepping off of stages had
started from the partial reboiler at the point (y = xp, x = xp)
and proceeded upward, the staircase in the stripping section
could have been continued indefinitely, finally approaching,
but never reaching, point R. In Figure 7.9, 1t 1s seen that the
smallest number of total stages occurs when the transfer 1s
made at the first opportunity after a horizontal line of the
staircase passes over point P, as in Figure 7.9a. This feed-
stage location 1s optimal.

Limiting Conditions

For a given specification (Table 7.2), a reflux ratio can be se-
lected anywhere from the minimum, Ry,;,, to an infinite value
(total reflux) where all of the overhead vapor 1s condensed
and returned to the top stage (thus, no distillate 1s with-
drawn). As shown in Figure 7.10b, the minimum reflux

corresponds to the need for an infinite number of stages,
while in Figure 7.10a the infinite reflux ratio corresponds to
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the mimnimum number of equilibrium stages. The McCabe—
Fhiele graphical method can quickly determine the two
limits, Npin and Ry, Then, for a practical operation,
Npin < N <ooandRmin < R < 0.

Minimum Number of Equilibrium Stages

As the reflux ratio is increased, the slope of the rectifying-
section operating line, given by (7-7), increases from
L/V <1 to a limiting value of L/V = 1. Correspondingly,
the boilup ratio increases and the slope of the stripping sec-
tion operating line, given by (7-12), decreases from
L/V>1toa limiting value of L/V = 1. Thus, at this lim-
iting condition, both the rectifying and stripping operating
lines coincide with the 45° line and neither the feed compo-
sition, zz, nor the g-line influences the staircase construction.
This 1s total reflux because when L = V, D = B = (. and the
total condensed overhead is returned to the column as reflux.
Furthermore, all liquid leaving the bottom stage is vaporized
and returned as boilup to the column. If both distillate and
bottoms flow rates are zero, the feed to the column is also
zero, which 1s consistent with the lack of influence of the
feed condition. It is possible to operate a column at total
reflux, and such an operation is convenient for the experi-
mental measurement of tray efficiency because a steady-
state operating condition is readily achieved.

A simple example of the McCabe-Thiele construction for
this limiting condition is shown in Figure 7.11 for two equi-
librium stages. Because the operating lines are located as far
away as possible from the equilibrium curve, a minimum
number of stages is required.

Minimum Reﬂux Ratio

As the reflux ratio decreases from the limiting case of infin-
ity (1.e., total reflux), the intersection of the two operating
ines and the g-line moves away from the 45° line toward
the equilibrium curve. The number of equilibrium stages
required increases because the operating lines move closer
and closer to the equilibrium curve, thus requiring more and

1.0 m—
1
0
1
Y 7 |
X = Xp i
| |
|
|
|I:IB |
0 1.0

Figure 7.11 Construction for minimum stages at total reflux.

more stairs to move from the top of the column to the bottom.
Finally a limiting condition is reached when the point of
intersection is on the equilibrium curve, as shown in
Figure 7.12. For binary mixtures that are not highly nonideal,
the typical case 1s shown in Figure 7.12a, where the intersec-
tion, P, 1s at the feed stage. To reach that stage from either the
rectifying section or the stripping section, an infinite number
of stages 1srequired. The point Pis called a pinch point because
the two operating lines each pinch the equilibrium curve.

For a highly nonideal binary system, the pinch point may
occur at a stage above or below the feed stage. The former
case 18 1llustrated in Figure 7.12b, where the operating line
for the rectifying section intersects the equilibrium curve be-
fore the feed stage 1s reached. The slope of this operating line
cannot be reduced further because it would then cross over
the equilibrium curve and thereby violate the second law of
thermodynamics because of a reversal in the direction of
mass transter. This would require spontaneous mass transfer
from a region of low concentration to a region of high con-
centration. This 1s similar to a second-law violation by a tem-
perature crossover 1n a heat exchanger. Now, the pinch point
occurs entirely in the rectifying section, where an infinite
number of stages exists; the stripping section contains a
finite number of stages.

1.0[ T o - 1.01

Loen. .
T/-Mlmmum "
=

vV

-L—Minimum

| Figure 7.12 Construction for
minimum reflux at infinite
stages: (a) typical ideal or
near-ideal system, pinch point

1.0  at the feed stage; (b) typical
nonideal system, pinch point
(b) above the feed stage.
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From the slope of the limiting operating line for the recti-
fying section, the minimum reflux ratio can be determined.
From (7-7), the minimum feasible slope 1s

(L/ V)min = Rmin/(Rmin T 1)
or

Rmin — (L/ V)min/[l- T (L/ V)min]

Alternatively, the limiting condition of infinite stages
corresponds to a minimum boilup ratio for (L/V )max. From

(7-12),

(7-27)

(VB)min — 1/[(51/‘?)1113); _' 1] (7'28)

Perfect Separation

A third limiting condition of interest involves the degree of
separation. As a perfect split (xp = 1, xp = 0) 1s approached,
for a reflux ratio at or greater than the minimum value, the
number of stages required near the top and near the bottom

EXAMPLE 7.1

A trayed tower is to be designed to continuously distill 450 lbmol/h
(204 kmol/h) of a binary mixture of 60 mol% benzene and 40 mol%
toluene. A liquid distillate and a liquid bottoms product of 95 mol%
and 5 mol% benzene, respectively, are to be produced. The feed 1s
preheated so that it enters the column with a molar percent vaporiza-
tion equal to the distillate-to-feed ratio. Use the McCabe-Thiele
method to compute the following, assuming a uniform pressure of
1 atm (101.3 kPa) throughout the column: (a) Minimum number
of theoretical stages, Npiy; (b) Minimum reflux ratio, Rpi,; and
(¢) Number of equilibrium stages N, for a reflux-to-minimum reflux
ratio, R /Rmin, Of 1.3 and the optimal location of the feed stage.

SOLUTION
Calculate D and B. An overall material balance on benzene gives
0.60(450) =0.95D 4+ 0.055B (1)
A total balance gives 450 = D + B (2)

Combining (1) and (2) to eliminate B, followed by solving the
resulting equation for D and (2) for B gives D = 275 lbmol/h,
B = 175 Ibmol/h, and D/F = 0.611

Calculate the slope of the g-line:
Ve/F = D/F for this example = 0.611 and ¢ for a partially vapor-
ized feed 1s

L F -V
Lr _( F) _1_YF _ 389
F F F
From (7-26),
0.389

the slope of the g-line 1s = —0.637

g—1 0389 —1

(a) InFigure 7.13, where y and x refer to benzene, the more-volatile
component, with xp = 0.95 and xz = 0.05, the number of min-
imum equilibrium stages is stepped off from the top between
the equilibrium curve and the 45° line, giving Ny, = 6.7.

(b) In Figure 7.14, a g-line is drawn that has a slope of —0.637 and
passes through the feed composition (zr = 0.60) on the 45°
line. For the minimum-reflux condition, an operating line for
the rectifying section passes through the point x = xp = 0.95 on

of the column increases rapidly and without limit until
pinches are encountered at xp = 1 and xp = 0. Thus, a per-
fect separation of a binary mixture that does not form an
azeotrope requires an infinite number of stages in both sec-
tions of the column. However, this is not the case for the
reflux ratio. In Figure 7.12a, as xp 1s moved from, say, 0.90
toward 1.0, the slope of the operating line at first increases,
but in the range of xp from 0.99 to 1.0 the slope changes only
slightly. Furthermore, the value of the slope, and therefore
the value of R, is finite for a perfect separation. For example,
if the feed is a saturated liquid, application ot (7-4) and ('/-7)
gives the following equation for the minimum reflux of a

perfect binary separation:
|

zr(oe — 1)

Rmin = (7-29)
where the relative volatility, o, 1s evaluated at the feed
condition.

the 45° line and through the point of intersection of the g-line

and the equilibrium curve (y = 0.684, x = 0.465). The slope of
this operating line is 0.55, which from (7-9) equals R/(R + 1).
Therefore, Ry = 1.22.

(¢) The operating reflux ratio is 1.3Rp;, = 1.3(1.22) = 1.59

From (7-9), the slope of the operating line for the rectiftying sec-
tion 1s -

R 122 o614
R+1 159+1

The construction for the resulting two operating lines, together with
the g-line, is shown in Figure 7.15, where the operating line for the
stripping section is drawn to pass through the point x = xg = 0.03
on the 45° line and the point of intersection of the g-line and the
operating line for the stripping section. The number of equilibrium
stages is stepped off between, first, the rectifying-section operating
line and the equilibrium curve and then the stripping-section
operating line and the equilibrium curve, starting from point A

1.0
1 .~

Benzene-toluene at 1 atm 5 '
~ @
S A
s o 3 I

R\
® N @ |
-'E Q,O\ i ﬂ\\ |
= 5 :
© 0.6 4 |
) I
N |
.
o I
- |
o 0.4 |
e S |
O |
*3 i |
© I
- I
"; 0.2 ,
O 1
: :
I

8
N
0 / L
Xp 0.2 0.4 0.6 0.8

Mole fraction of benzene in the liquid, x

xp 1.0

Figure 7.13 Determination of minimum stages for Example 7.1.
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Figure 7.14 Determination of minimum reflux for Example 7.1.

(at x =xp=0.95) and fimishing at point B (to the left of
x = xp = 0.05). For the optimal feed-stage location, the transfer
from the rectifying-section operating line to the stripping-section op-
erating line takes place at point P. The resultis N = 13.2 equilibrium
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Figure 7.15 Determination of number of equilibrium stages
and feed-stage location for Example 7.1.

stages, with stage 7 from the top being the feed stage. Thus, for this
example, N/Nnin = 13.2/6.7 = 1.97. The bottom stage is the partial
reboiler, leaving 12.2 equilibrium stages contained 1n the column. If
the plate efficiency were 0.8, 16 trays would be needed.

Column Operating Pressure and Condenser Type

For preliminary design, column operating pressure and
condenser type are established by the procedure shown in
Figure 7.16, which i1s formulated to achieve, if possible, a
reflux-drum pressure, Pp, between 0 and 415 psia (2.86 MPa)
at a minimum temperature of 120°F (49°C) (corresponding
to the use of water as the coolant in the condenser). The
pressure and temperature limits are representative only and
depend on economic factors. Columns can operate at pres-
sures higher than 4135 psia if the critical or convergence

- Start

Distillate and bottoms
compositions known
or estimated

I

I Calculate bubble-point _
Pp < 215 psia (1.48 MPa)

pressure (Pp) of
distillate at
120°F (49°C)

Use total condenser
(reset P, to 30 psia

pressure of the mixture 1s not approached. A condenser pres-
sure drop of 0 to 2 psi (0 to 14 kPa) and an overall, column
pressure drop of 5 psi (35 kPa) may be assumed. However,
when column tray requirements are known, more refined
computations should result in approximately 0.1 psi/tray
(0.7 kPa/tray) pressure drop for atmospheric and superatmos-
pheric pressure operation and 0.05 psi/tray (0.35 kPa/tray)
pressure drop for vacuum-column operation. Column bot-
tom temperature must not result in bottoms decomposition
or correspond to a near-critical condition. Therefore, after

Ty < bottoms

if P, < 30 psia)
Pp > 215 psia
Calculate dew-point P?2<536&§sia Estimate Calculate bubble-point
pressure (Pp) of ' a) bottoms - temperature (Tp)
distiliate at - pressure of bottoms
. . Use partial
120°F (49°C) condenser (Pp) | | at Pg

decomposition or

critical temperature
[r—————————————————

l P, > 365 psia

TB > bOttOmS
decomposition or
critical temperature

Choose a refrigerant |
SO as to operate

partial condenser at
415 psia (2.86 MPa)

Lower pressure Py
appropriately and
recompute Pp and T,

Figure 7.16 Algorithm for
| establishing distillation-
column pressure and
condenser type.
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the bottoms pressure 1s estimated from the pressure in the
reflux drum, a bubble-point temperature of the bottoms 1s
computed at the bottoms pressure. If that temperature ex-
ceeds the bottoms decomposition or critical temperature,
then the bottoms pressure 1s recomputed at or below the
bubble-point decomposition or critical temperature. The
pressure 1n the reflux drum will then be lower and must be
recomputed, together with the distillate temperature, from
the assumed column and condenser pressure drops. This will
result often 1n vacuum operation. If the recomputed distillate
temperature 1$ less than 120°F (49°C), a retfrigerant, rather
than cooling water, 1s used for the condenser.

A total condenser 1s recommended for reflux drum pres-
sures to 215 psia (1.48 MPa). A partial condenser 1s appropri-
ate from 215 psi1a to 3635 psia (2.52 MPa). However, a partial
condenser can be used below 215 psia when a vapor distillate
1s desired. A mixed condenser can provide both vapor and
liquid distillates. The three types of condenser configurations
are shown in Figure 7.17. A refrigerant 1s often used as
condenser coolant if pressure tends to exceed 365 psia.

When a partial condenser 1s specified, the McCabe—
Thiele staircase construction for the case of a total condenser
must be modified, as will be illustrated in Example 7.2, to
account for the fact that the first equilibrium stage, counted
down from the top, 1s now the partial condenser. This 1s
based on the assumption that the liquid reflux leaving the
reflux drum 1s in equilibrium with the vapor distillate.

Subcooled Reflux

Although most distillation columns are designed so that the
reflux 1s a saturated (bubble-point) liquid, such 1s not always
the case tfor operating columns. If the condenser type is par-
tial or mixed, the reflux is a saturated liquid unless heat
losses cause its temperature to decrease. For a total con-
denser, however, the operating reflux is often a subcooled
liquid at column pressure, particularly 1f the condenser is not
tightly designed and the distillate bubble-point temperature
18 significantly higher than the inlet cooling-water tempera-
ture. It the condenser outlet pressure is lower than the top-

tray pressure of the column, the reflux is subcooled for any
of the three types of condensers.

When subcooled reflux enters the top tray, its temperature
rises and causes vapor entering the tray to condense. The

Vapor
distillate

Liquid
distillate
Figure 7.17 Condenser types:
(a) total condenser; (b) partial
(c) condenser; (¢) mixed condenser.

latent enthalpy of condensation of the vapor provides the
sensible enthalpy to heat the subcooled reflux to the bubble
point. In that event, the internal reflux ratio within the recti-
fying section of the column 1s higher than the external reflux
ratio from the reflux drum. The McCabe-Thiele construc-
tion should be based on the internal refiux ratio, which can
be estimated by the following equation derived from an ap-
proximate energy balance around the top tray:

CPL A Tsubcoo!ing )

(7-30)

Riﬂtemal = KR (1 + A H vap

where Cp, and AH™F are per mole and ATgpcooling 1S the
degrees of subcooling. The internal refiux ratio replaces R,
the external reflux ratio, in (7-9). If a correction 1s not made
for subcooled reflux, the calculated number of equilibrium
stages 1S somewhat more than required.

EXAMPLE 7.2

One thousand kmol/h of a feed containing 30 mol% rn-hexane and
70% n-octane is to be distilled in a column consisting of a partial
reboiler, one equilibrium (theoretical) plate, and a partial con-
denser, all operating at 1 atm (101.3 kPa). Thus, hexane 1s the light
key and octane 1s the heavy key. The feed, a bubble-point liquid, 1s
fed to the reboiler, from which a liquid bottoms product is continu-
ously withdrawn. Bubble-point reflux 1s returned from the partial
condenser to the plate. The vapor distillate, in equilibrium with the
reflux, contains 80 mol% hexane, and the reflux ratio, L/D, 1s 2.
Assume that the partial reboiler, plate, and partial condenser each
function as equilibrium stages.

(a) Using the McCabe—Thiele method, calculate the bottoms com-
position and kmol/h of distillate produced.

(b) If the relative volatility o 1s assumed constant at a value
of 5 over the composition range (the relative volatility
actually varies from approximately 4.3 at the reboiler to
6.0 at the condenser), calculate the bottoms composition
analytically.

SOLUTION

First determine whether the problem 1s completely specified. From
Table 5.4c, we have Np = C + 2N + 6 degrees of freedom, where
N includes the partial reboiler and the stages in the column, but not
the partial condenser. With N =2 and C = 2, Np = 12. Specified in
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this problem are

Feed-stream variables
Plate and reboiler pressures
Condenser pressure

Q (=0) tor plate

Number of stages
Feed-stage location

Reflux ratio, L/D
Distillate composition

Total

ek

Thus, the problem i1s fully specified and can be solved.

(a) Graphical solution. A diagram of the separator is given in Fig-
ure 7.18 as 1s the McCabe-Thiele graphical solution, which is
constructed in the following manner.

1. The point yp = 0.8 at the partial condenser 1s located on the
x =y line.

2. Conditions in the condenser are fixed because xi (reflux compo-
sition) 1s in equilibrium with yp. Hence, the point (xg, yp) is
located on the equilibrium curve.

3. Noting that (L/V) =1-1/[{1+(L/D)]} = 2/3, the operating
line with slope L/V = 2/3 is drawn through the point yp = 0.8
on the 45° line until it intersects the equilibrium curve. Because
the feed 1s introduced into the partial reboiler, there is no strip-
ping section.

4. Three theoretical stages (partial condenser, plate 1, and partial

reboiler) are stepped off and the bottoms composition
xg = 0.135 1s read.

The amount of distillate is determined from overall material
balances. For hexane, zxF = ypD + xzB. Therefore, (0.3)(1,000) =

(0.8)D + (0.135)B. For the total flow, B = 1,000 — D. Solving
these two equations simultaneously, D = 248 kmol/h.

(b) Analytical solution. For constant o, equilibrium liquid compo-
sitions for the light key, in terms of o and y are given by a
rearrangement of (7-3):

_
T Y ey .

where o 1s assumed constant at a value of 5.

l"—+ D, yD = 0.8
Partial

condenser

()”]r V) T {(L; XR)

Plate 1

(yB, V) T ¢ (L, JC1)

[ m—

Partial
reboiler

'

B, Xpg

Figure 7.18 Solution to
Example 7.2.

The steps 1n the solution are as follows:

1. The liquid leaving the partial condenser at x 1s calculated from
(1), fory = yp = 0.8:
0.8

= = (.44
0.8 4+ 5(1 — 0.8)

AR

2. Then y; 1s determined by a material balance about the partial
condenser:

Vyi = Dyp + Lxg with D/V =1/3 and L/V =2/3
y1 = (1/3)(0.8) + (2/3)(0.44) = 0.56

0.56
0.56 + 5(1 — 0.56)
4. By material balance around plate 1 and the partial condenser,
Vyp = Dyp + Lx
and  yp = (1/3)(0.8) +(2/3)(0.203) = 0.402

= 0.203

3. From (1), for plate 1, x; =

5. From (1), for the partial reboiler,

0.402

0.402 + 5(1 — 0.402)

AB

By approximating the equilibrium curve with a = 3, an answer
of 0.119 1s obtained rather than 0.135 for xg obtained in part (a).
Note that for a larger number of theoretical plates, part (b) can be
readily computed with a spreadsheet program.

EXAMPLE 7.3

Consider Example 7.2. (a) Solve it graphically, assuming that
the feed 1s 1ntroduced on plate 1, rather than into the reboiler.
(b) Determine the minimum number of stages required to carry out
the separation. (c) Determine the minimum reflux ratio.

SOLUTION

(a) The flowsheet and solution given 1n Figure 7.19 are obtained
as follows.

1. The point xg, yp 1s located on the equilibrium line.

2. The operating line for the enriching section is drawn through the
point y =x = 0.8, with aslope of L/V = 2/3.
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3. The intersection of the g-line, x = 0.3 (which, for a saturated
liquid, is a vertical line), with the enriching-section operating
line 1s located at point P. The stripping-section operating line
must also pass through this point, but its slope and the point xj
are not known initially.

4. The slope of the stripping-section operating line is found by trial
and error to give three equilibrium contacts in the column, with
the middle stage involved in the switch from one operating line
to the other. If the middle stage is the optimal feed-stage loca-
tion, the result 1s xp = 0.07, as shown in Figure 7.19. The
amount of distillate i1s obtained from the combined total and

hexane overall material balances to give (0.3)(1,000) =
(0.8D) + 0.07(1,000 — D). Solving, D = 315 kmol/h.

Comparing this result to that obtained in Example 7.2, we find
that the bottoms purity and distillate yield are improved by intro-
duction of the feed to plate 1, rather than to the reboiler. This im-
provement could have been anticipated if the g-line had been con-
structed 1n Figure 7.18. That is, the partial reboiler is not the
optimal feed-stage location.

(b) The construction corresponding to total reflux (L/V = 1,
no products, no feed, minimum equilibrium stages) is shown

1.0 — p——

0.8 Yo
_ ]
0.6
Yy
0.4 2 ' D
0.2 |
3 .
X
o Ki”

0 0.2 0.4 0.6 0.8 1.0

A

Figure 7.20 Solution for total reflux in Example 7.3.
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Partial

reboiler

I——-)» (B, xp)

Figure 7.19 Solution to
Example 7.3.

in Figure 7.20. Slightly more than two stages are required
for an xp of 0.07, compared to the three stages previously
required.

(¢) To determine the minimum-refiux ratio, the vertical g-line in
Figure 7.19 1s extended from point P until the equilibrium
curve 1s intersected, which 1s determined to be the point
(0.71, 0.3). The slope, (L/V)nin of the operating line for the
rectifying section, which connects this point to the point (0.8,
0.8) on the 45° line is 0.18. Thus (L/D)min = (L/ Vmin)/
[1 — (L/ Vuqin)]l = 0.22. This is considerably less than the
L/D = 2 specified.

Reboller Type

Different types of reboilers are used to provide boilup vapor
to the stripping section of a distillation column. For small
laboratory and pilot-plant-size columns, the reboiler consists
of a reservoir of liquid located just below the bottom plate to
which heat 1s supplied from (1) a jacket or mantle that is
heated by an electrical current or by condensing steam, or
(2) tubes that pass through the liquid reservoir carrying con-
densing steam. Both of these types of reboilers have limited
heat-transfer surface and are not suitable for industrial appli-
cations.

For plant-size distillation columns, the reboiler is usually
an external heat exchanger, as shown in Figure 7.21, of
either the kettle or vertical thermosyphon type. Both can
provide the amount of heat-transfer surface required for
large 1installations. In the former case, liquid leaving the
sump (reservoir) at the bottom of the column enters the ket-
tle, where 1t 1s partially vaporized by the transfer of heat
from tubes carrying condensing steam or some other heating
medium. The bottoms product liquid leaving the reboiler is
assumed to be in equilibrium with the vapor returning to the
bottom tray of the column. Thus the kettle reboiler is a par-
tial reboiler equivalent to one equilibrium stage. The kettle
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reboiler 1s sometimes located in the bottom of the column to
avold piping.

The vertical thermosyphon reboiler may be of the type
shown 1n Figure 7.21b or 7.21c¢. In the former, both the bot-
toms product and the reboiler feed are withdrawn from the
column bottom sump. Circulation through the tubes of the
reboiler occurs because of the difference in static heads of
the supply liquid and the column of partially vaporized fluid
flowing through the reboiler tubes. The partial vaporization
provides enrichment of the exiting vapor in the more volatile
component. However, the exiting liquid 1s then mixed with
liquid leaving the bottom tray, which contains a higher per-
centage of the more volatile component. The result is that
this type ot reboiler arrangement provides only a fraction of
an equilibrium stage and it is best to take no credit for it.

A more complex and less-common vertical thermosyphon
reboiler is that of Figure 7.21c, where the reboiler Liquid is
withdrawn from the downcomer of the bottom tray. Partially
vaporized liquid is returned to the column, where the bot-
toms product from the bottom sump 1s withdrawn. This type
of reboiler does function as an equilibrium stage.

Kettle reboilers are common, but thermosyphon reboilers
are favored when (1) the bottoms product contains thermally
sensitive compounds, (2) bottoms pressure is high, (3) only
a small AT 1s available for heat transfer, and (4) heavy

reboiler liquid withdrawn from bottom sump;
(¢) vertical thermosyphon-type reboiler,
reboiler iquid withdrawn from bottom-tray
downcomer.

fouling occurs. Horizontal thermosyphon reboilers are
sometimes used in place of the vertical types when only
small static heads are needed for circulation, surface-area
requirement 1S very large, and/or when frequent cleaning of
the tubes 1s anticipated. A pump may be added for either
thermosyphon type to improve circulation. Liquid residence
time 1n the column bottom sump should be at least 1 minute
and perhaps as much as 5 minutes or more.

Condenser and Reboiler Duties

Following the determination of the feed condition, reflux
ratio, and number of theoretical stages by the McCabe—
Thiele method, estimates of the heat duties of the condenser
and reboiler are made. An energy balance for the entire col-
umn gives

FhF -+ QR — DhD + BhB + QC -+ Qloss (7"'31)

Except for small and/or uninsulated distillation equipment,
Oloss 18 negligible and can be 1gnored. We can approximate
the energy balance of (7-31) by applying the assumptions of
the McCabe-Thiele method. An energy balance for a total
condenser 1s

Qc =D(R+1)AH™ (7-32)
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where AH™P = average molar heat of vaporization of the
two components being separated. For a partial condenser,

Oc =DR AH™ (7-33)
FFor a partial reboiler,

Or = BVyAH™ (7-34)

When the feed is at the bubble point and a total condenser i1s
used, (7-16) can be arranged to:

BVg=L+D=D(R+1) (7-35)

Comparing this to (7-34) and (7-32), note that Or = O¢.
When the feed 1s partially vaporized and a total condenser
1s used, the heat required by the reboiler 1s less than the
condenser duty and 1s given by

Or = 0Oc [1 (7-36)

Vi
D(R + 1)}

If saturated steam 1s the heating medium for the reboiler,
the steam rate required 1s given by an energy balance:

M:: Q R
AH:ap

(7-37)

m, =

where
m, = mass flow rate of steam
(Or = reboiler duty (rate of heat transfer)
M, = molecular weight of steam

AH;" = molar enthalpy of vaporization of steam

The cooling water rate for the condenser is

(7-38
CP}{zO(TOHt T Tm) )

where
Mmqw = mass tlow rate of cooling water
(O = condenser duty (rate of heat transfer)
Cpy,0 = specific heat of water

Touts Tin = temperature of cooling water out of and
into the condenser, respectively

Because the annual cost of reboiler steam can be an order
of magnitude higher than the annual cost of cooling water,
the feed to a distillation column is frequently preheated and
partially vaporized to reduce Qpg, 1n comparison to Q¢, as

indicated by (7-36).

Feed Preheat

The feed to a distillation column 1s usually a process teed, an
effluent from a reactor, or a liquid product from another sep-
arator. The feed pressure must be greater than the pressure in
the column at the feed-tray location. If so, any excess feed
pressure 18 dropped across a valve, which may cause the feed
to partially vaporize before entering the column; 1f not, addi-
tional pressure 1s added with a pump.

The temperature of the feed as it enters the column does
not necessarily equal the temperature in the column at the
feed-tray location. However, such equality will increase
second-law efficiency. It 1s usually best to avoid a subcooled
liquid or superheated vapor feed and supply a partially
vaporized feed. This is achieved by preheating the feed in
a heat exchanger with the bottoms product or some other
process stream that possesses a suitably high temperature, to
ensure a reasonable AT driving force for heat transfer, and a
sufficient available enthalpy.

Optimal Reflux Ratio

An industrial distillation column must be operated between
the two limiting conditions of minimum reflux and total re-
flux. As shown 1n Table 7.3, for a typical case adapted from
Peters and Timmerhaus. [6], as the reflux ratio 1s increased
from the minimum value, the number of plates decreases,
the column diameter increases, and the reboiler steam and
condenser cooling-water requirements increase. When the
annualized fixed investment costs for the column, con-
denser, reflux drum, reflux pump, and reboiler are added to
the annual cost of steam and cooling water, an optimal reflux
ratio 1s established, as shown, for the conditions of Table 7.3,
in Figure 7.22. For this example the optimal R/Rp,;, 1S 1.1.

Table 7.3 Effect of Reflux Ratio on Annualized Cost of a Distillation Operation

Annualized Cost, $/yr

Total
| Reboiler Condenser Cooling Annualized
R/Rmin Actual N- Diam., ft Duty, Btu/h Duty, Btu/h Equipment Water Steam Cost, $/yr
1.00 Infinite 6.7 9,510,160 9,416,000 Infinite 17,340 132,900 Infinite
1.05 29 6.8 9,776,800 9,680,000 44,640 17,820 136,500 198,960
1.14 21 7.0 10,221,200 10,120,000 38,100 18,600 142,500 199,200
1.23 18 7.1 10,665,600 10,560,000 36,480 19,410 148,800 204,690
1.32 16 7.3 11,110,000 11,000,000 35,640 20,220 155,100 210,960
1.49 14 7.7 11,998,800 11,880,000 35,940 21,870 167,100 224,910
13,332,000 13,200,000 36,870

1.75 13 8.0

(Adapted from an example by Peters and Timmerhaus [6].)

24,300 185,400 246,570
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Figure 7.22 Optimal reflux ratio for a representative distillation
operation.

| Adapted from M.S. Peters and K.D. Timmerhaus, Plant Design and
Economics for Chemical Engineers, 4th ed., McGraw-Hill, New York
(1991).]

The data in Table 7.3 show that although the condenser and
reboiler duties are almost identical for a given reflux ratio,
the annual cost of steam for the reboiler 1s almost eight times
that of the cost of condenser cooling water. The total annual
cost 1s dominated by the cost of steam except at the
minimum-reflux condition. At the optimal reflux ratio, the
cost of steam 1s 70% of the total annualized cost. Because
the cost of steam 1s dominant, the optimal reflux ratio is sen-
sitive to the steam cost. For example, at the extreme of zero
cost for steam, the optimal R/R,;, for this example is shifted
from 1.1 to 1.32. This example assumes that the heat
removed by cooling water in the condenser has no value.
The range of optimal ratio of reflux to minimum refiux
often 1s from 1.05 to 1.50, with the lower value applying to a
difficult separation (e.g., o = 1.2) and the higher value
applying to an easy separation (e.g.,a = J5). However, as seen

0.1 ree 0.9999

Equilibrium
curve

13

0.01 0.999

Operating
line

in Figure 7.22, the optimal reflux ratio 1s not sharply defined.
Accordingly, to achieve greater operating tlexibility, columns
are often designed for reflux ratios greater than the optimum.

L.arge Number of Stages

The McCabe-Thiele graphical construction 1s difficult to
apply when conditions of relative volatility and/or product
purities are such that a large number of stages must be
stepped off. In that event, one of the following techniques
can be used to determine the stage requirements. '

1. Separate plots of expanded scales and/or larger dimen-
sions are used for stepping off stages at the ends of the
y—x diagram. For example, the additional plots might

cover just the regions (1) 0.95 to 1.0 and (2) 0 to 0.05.

2. As described by Horvath and Schubert [7] and shown
in Figure 7.23, a plot based on logarithmic coordinates
1s used for the low (bottoms) end of the y—x diagram,
while for the high (distillate) end, the log—log graph 1s
turned upside down and rotated 90°. Unfortunately, as
seen 1n Figure 7.23, the operating lines become
curved, but they can be plotted from a tew points
computed from (7-9) and (7-14). The 45° line remains
straight and the normally curved equilibrium curve
becomes nearly straight at the two ends.

3. The stages at the two ends are computed algebraically
in the manner of part (b) of Example 7.2. This 1s read-
ily done with a spreadsheet computer program.

4. If the equilibrium data are given in analytical form,
commercially available McCabe—Thiele computer
programs can be used.

5. The stages are determined by combining the McCabe—
Thiele graphical construction, for a suitable region in
the middle, with the Kremser equations of Section 5.4
for the low and/or high ends, where absorption and

 stripping factors are almost constant. This technique,
which is often preferred, is illustrated in the following
example.

Equilibrium 1
curve

Y y = x line Y
0.001 0.99
0.98 7
0.0001 £ 0.9 &
0.0001 X 0.001 0.01 . 0.1 0.9

. |
y = x line
{

Operating
line

Figure 7.23 Use of log—-log
coordinates for McCabe-Thiele
construction: (a) bottoms end

of column; (b) distillate end of
(b) | column.

0.99 0'999): 0.9999
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EXAMPLE 74

Repeat part (¢) of Example 7.1 for benzene distillate and bottoms
purities of 99.9 and 0.1 mol%, respectively, using a reflux ratio ot
1.88, which 1s about 30% higher than the minimum reflux of 1.44
for these new purities. At the top of the column, a = 2.52; at the
bottom, a = 2.26.

SOLUTION

Figure 7.24 shows the McCabe—Thiele construction for the region
of x from 0.028 to 0.956, where the stages have been stepped oft in
two directions, starting from the feed stage. In this middle region,
seven stages are stepped off above the feed stage and eight below
the feed stage, for a total of 16 stages, including the feed stage. The
Kremser equations can now be applied to determine the remaining
stages needed to achieve the desired high purities for the distillate
and bottoms.

Additional stages for the rectifying section. With respect to Fig-
ure J.8a, counting stages from the top down, from Figure 7.24:

From (7-3), for (xn)senzene = 0.956,

(YN+Dbenzene = 0982 and  (yn+1)tolvene = 0.018

Also, (x0)benzene = (¥1)benzene = 0.999 and (x0)oluene = (Y1) toluene =

0.001

Combining the Kremser equations (5.55), (5-34), (5-35), (5-48),
and (5-50) and performing a number of algebraic manipulations:

1 ] YN +1 —-JCOK
oe 3+ (1) (k)]
Np = Y1~ 20 (7-39)

log A

where Nr = additional equilibrium stages for the rectifying section.
For that section, which is like an absorption section, 1t 1s best
to apply (7-39) to toluene, the heavy key. Because o = 2.52 at the
top of the column, where Kpenzene 18 close to one, take Kigjuene =
1/2.52 =0.397.Since R=1.88, L/V=R/(R+ 1) = 0.653.

1.0
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Figure 7.24 McCabe-Thiele construction for Example 7.4 from
x = 0.028 to x = 0.956.

Therefore, the absorption factor for toluene 1S Aiuene =
L/(VKoene) = 0.653/0.397 = 1.64 which 1s assumed to remain
constant in the uppermost part of the rectiftying section. Therefore,

from (7-39) for toluene,

| I: ] (1 1 ) (0.018 — 0.001(0.397) )]
0g | ~
Ne = 1.64 1.64 / \ 0.001 — 0.001(0.397) 50

log 1.64

Additional stages for the stripping section. With respect to Fig-
ure 5.8b, counting stages from the bottom up, we have from Fig-

ure 7.24: (XN-i—l)benzenf: = (.048. Also, (X1)benzene = (XB)benzene =
0.001. Combining the Kremser equations for a stripping section

oIves
_ _ —x1/K
log [A +(1— A) (“’“ x/‘é )]
X|] — X
Ng = L. (7-40)
log(1/A)
where

N = additional equilibrium stages for the stripping section

A = absorption factor in the stripping section = L/KV

Because benzene 1s being stripped in the stripping section, it
is best to apply (7-40) to the benzene. At the bottom of the column,
where Kiouene 18 approximately 1.0, a = 2.26, and theretore
Kienzene = 2.26. By material balance, with flows 1n Ibmol/h, D =
270.1. For R = 1.88, L = 507.8, and V = 270.1 4+ 507.8 = 7777.9.
From Example 7.1, Vp = D = 270.1 and Lr =450 - 270.1 =
179.9. Therefore, L = L + L = 507.8 + 179.9 = 687.7 lbmol/h
and V =V — Vg = 777.9 — 270.1 = 507.8 lbmol/h.

L/V = 687.7/507.8 = 1.354;
Avenzene = L/ KV = 1.354/2.26 = 0.599

Substitution into (7-40) gives

1021 0,599 + (1 — 0.599) 0.028 — 0.001/2.26
s | 0.001 — 0.001/2.26

—= = 5.9
log(1/0.599)

Ng =

This value includes the partial reboiler. Accordingly, the total
number of equilibrium stages starting trom the bottom 1s: partial
rebotler + 5.9 + 8 4 feed stage + 7 + 5.0 = 26.9.

Use of Murphree Efficiency

The McCabe—Thiele method assumes that the two phases
leaving each stage are in thermodynamic equilibrium. In
industrial, countercurrent, multistage equipment, it 1S not
always practical to provide the combination of residence
time and intimacy of contact required to approach equilib-
rium closely. Hence, concentration changes for a given stage
are usually less than predicted by equilibrium.

As discussed in Section 6.5, a stage efficiency frequently
used to describe individual tray performance for individual
components is the Murphree plate etficiency. This efficiency
can be defined on the basis of either phase and, for a given
component, is equal to the change 1n actual composition in
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the phase, divided by the change predicted by equilibrium.

This definition applied to the vapor phase can be expressed
in a manner similar to (6-28):
EMV _ Yn = Yn41 (7_41)
y: o yn-l—l

Where Epy 18 the Murphree vapor etficiency for stage n,
where n + 1 18 the stage below and y is the composition 1n
the hypothetical vapor phase in equilibrium with the hiquid
composition leaving stage n. Values of Epy can be less than
or somewhat more than 100%. The component subscript 1n
(7-41) 1s dropped because values of Eyy are equal for the
fwo components of a binary mixture.

In stepping off stages, the Murphree vapor etficiency, 1t
known, can be used to dictate the percentage of the distance
taken from the operating line to the equilibrium line; only
Epy of the total vertical path 1s traveled. This 1s shown 1n
Figure 7.25a for the case of Murphree etficiencies based on
the vapor phase. Figure 7.25b shows the case when the
Murphree tray efficiency is based on the liquid. In effect,
the dashed curve for actual exit-phase composition replaces
the thermodynamic equilibrium curve for a particular set ot
operating lines. In Figure 7.25a, Eyyy = EF/EG = 0.7 for
the bottom stage.

Multiple Feeds, Side Streams, and Open Steam

The McCabe-Thiele method for a single tfeed and two prod-
ucts is readily extended to the case of multiple feeds and/or
side streams by adding one additional operating line for each
additional feed or side stream. A multiple-feed arrangement is
shown 1n Figure 7.26. In the absence of side stream Lg, this
arrangement has no effect on the material balance associated
with the rectitying section of the column above the upper-teed
point, F';. The section of column between the upper-feed point

and the lower-feed point F»> (in the absence of teed F) 1s
represented by an operating line of slope L'/ V', this line
intersecting the rectifying-section operating line. A similar
argument holds for the stripping section of the column. Hence
it is possible to apply the McCabe—-Thiele graphical construc-
tton shown in Figure 7.27a, where feed F) 1s a dew-point
vapor, while feed F is a bubble-point liquid. Feed F and side
stream Lg of Figure 7.26 are not present. Thus, between the
two feed points for this example, the molar vapor flow rate is
V' =V — F; and [ =L +F =L+ F,. For gIven xg, 2,

Condensate
Qc
—— Distillate
Reflux D
L
Feed ——> R
£ | Side stream
l—-ﬁ-
LS
Feed =1
F
Feed =
Fy
:
Rebotler
Or
Bottoms
B

Figure 7.26 Complex distillation column with multiple feeds
and side stream.
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Figupe 7.27 McCabe-Thiele
construction for complex
columns: (a) two feeds
(saturated liquid and saturated

ZF,»Xp, and L / D, the three operating lines in Figure 7.27a are
readily constructed.

A side stream may be withdrawn from the rectifying sec-
tion, the stripping section, or between multiple feed points, as
a saturated vapor or saturated liquid. Within material-balance
constraints, Lg and xg can both be specified. In Figure 7.27b, a
saturated-liquid side stream of composition xs and molar flow
rate Lg1s withdrawn from the rectifying section above feed F.
In the section of stages between the side stream-withdrawal
stage and the feed stage, L' = L — Lg, while V' = V. The
McCabe-Thiele constructions determine the location of the
side stream stage. However, if it 1s not located directly above
xs, the reflux ratio must be varied until it does.

For certain types of distillation, an inert hot gas is intro-
duced directly into the base of the column. Open steam, for
example, can be used if one of the components in the mixture
1S water, or 1f water can form a second liquid phase, thereby
reducing the boiling point, as in the steam distillation of fats,
where heat 1s supplied by live, superheated steam and no
reboiler 1s used. Most commonly, the feed contains water,

vapor); (b) one feed, one side
stream (saturated liquid);
(c) use of open steam.

which 1s removed as bottoms. In that application, Qg of
Figure 7.26 1s replaced by a stream of composition y = O (pure
steam) which, with x = xp, becomes a point on the operating
line, since the passing streams at this point actually exist at the
end of the column. With open steam, the bottoms flow rate is
increased by the flow rate of the open steam. The use of open
steam rather than a rebotler for the operating condition F| =
F, = Ls=0isrepresented graphically in Figure 7.27c.

EXAMPLE 7.5

A complex distillation column, equipped with a partial reboiler and
total condenser, and operating at steady state with a saturated-liquid
feed, has a liquid side stream draw-off in the enriching (rectify-
ing) section. Making the usual simplifying assumptions of the
McCabe-Thiele method: (a) Derive an equation for the two operat-
ing lines in the enriching section. (b) Find the point of intersection
of these operating lines. (c) Find the intersection of the operating
line between F and Lg with the diagonal. (d) Show the construction
on a y—x diagram.
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Figure 7.28 Distillation column with side stream for Example 7.5.
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Figure 7.29 McCabe-Thiele diagram for Example 7.5.

SOLUTION

(a) By material balance over section 1 in Figure 7.28, V,_1v,—1 =
Lyxy + Dxp. About section 2, Vi_oyso=L,_x5_1+
L¢xs + Dxp. The two operating lines for conditions of
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constant molar overflow become:

= —X — X Il — e X
Pyt Ty T %

(b) Equating the two operating lines, the intersection occurs at
(L—L")x =Lgsxs and since L — L' = Lg, the point of
Intersection becomes x = xg.

(¢) The intersection of the lines

L' n L.x,+ Dxp
= —x
Ty %

Lxx:; + DxD
L.+ D

and y = Xx occurs at x =

(d) The y—x diagram is shown in Figure 7.29.

7.3 ESTIMATION OF STAGE EFFICIENCY

Methods for estimating the stage efficiency for binary distil-
lation are analogous to those for absorption and stripping,
presented 1n Section 6.5. The efficiency 1s a complex func-
tion of tray design, fluid properties, and flow patterns. How-
ever, 1n hydrocarbon absorption and stripping, the liquid
phase 1s often rich in heavy components so that hiquid vis-
cosity 1s high and mass-transfer rates are relatively low. This
leads to low stage ethciencies, usually less than 50%. In con-
trast, tor binary distillation, particularly of close-boiling
mixtures, liquid viscosity 1s low, with the result that stage
efficiencies, for well-designed trays and optimal operating
conditions, are often higher than 70% and can be even
higher than 100% for large-diameter columns where a cross-
flow effect 1s present.

Performance Data

As discussed in AIChE Equipment Testing Procedure [8],
performance data for an industrial distillation column are
best obtained at conditions of total reflux (no feed or prod-
ucts) so as to avoid possible column-feed fluctuations, sim-
plity location of the operating line, and avoid discrepancies
between teed and feed-tray compositions. However, as
shown by Williams, Stigger, and Nichols [9], efficiency
measured at total reflux can differ markedly from that at
design reflux ratio. Ideally, the column is operated in the
range of 50% to 85% of flooding. If liquid samples are taken
from the top and bottom of the column, the overall plate ef-
ficiency, E,, can be determined from (6-21), where the num-
ber of theoretical stages required 1s determined by applying
the McCabe-Thiele method at total reflux, as in Figure 7.11.
If liquid samples are taken from the downcomers of inter-
mediate trays, Murphree vapor efficiencies, Eysy, can be de-
termined using (6-28). If liquid samples are withdrawn from
different points on one tray, (6-30) can be applied to obtain
point efficiencies, Egy. Reliable values for these efficiencies
require the availability of accurate vapor-liquid equilibrium
data. For that reason, efficiency data for binary mixtures that
torm 1deal solutions are preferred.
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Table 7.4 Performance Data for the Distillation of a Mixture
of Methylene Chloride and Ethylene Chloride

Eastman Kodak
Rochester, New York
5.5ft(65.51n. 1.D.)

Company
Location
Column diameter

No. of trays 60
Tray spacing 18 1n.
Type tray 10 rows of 3-in.-diameter bubble

caps on 4-7/8-1n. triangular
centers. 113 caps/tray

Bubbling area 20 ft?
Length of liquid travel 49 1n.
Outlet-welr height 2.25 1n.
Downcomer clearance 1.5 1n.

24.5 gal/min-ft = 1,115.9 lb/min
1.31 fu/s (Ib/ft)?-

Liquid rate
Vapor F-factor

Percent of flooding 85
Pressure, top tray 33.8 psia
Pressure, bottom tray 42.0 psia
Liquid composition, mole % methylene chloride:
From tray 33 89.8
From tray 32 72.6
From tray 29 4.64

Source: J.A. Gerster, A.B. Hill, N.H. Hochgrof, and D.B. Robinson, fray
Efficiencies in Distillation Columns, Final Report from the University of
Delaware, AIChE, New York (1953%).

Table 7.4, from Gerster et al. [10], lists plant data,
obtained from Eastman Kodak Company in Rochester,
New York, for the distillation at total reflux of a methylene
chloride (MC)—ethylene chloride (EC) mixture in a 5.5-1t-
diameter column containing 60 bubble-cap trays on 13-in.

tray spacing and operating at 85% of flooding at total reflux.
MC 1s the light key.

Using the performance data of Table 7.4, estimate: (a) the overall
tray efficiency for the section of trays from 35 to 29 and (b) the
Murphree vapor efficiency for tray 32. Assume the following val-
ues for relative volatility:

XMC O{MC,EC ymc from (7-3)
0.00 3.55 0.00
0.10 3.61 0.286
0.20 3.70 0.481
0.30 3.76 0.617
0.40 3.83 0.719
0.50 391 0.796
0.60 4.00 ().857
0.70 4.03 0.904
0.80 4.09 0.942
0.90 4.17 0.974
1.00 4.25 1.00

3}
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Figure 7.30 McCabe-Thiele diagram for Example 7.6.

SOLUTION

(a) The above x—a—y data are plotted in Figure 7.30. Four theoret-
ical stages are stepped off from x33 = 0.898 to x39 = 0.0464 for
total reflux. Since the actual number of stages is also 4, the
overall stage efficiency from (6-21) 1s 100%.

(b) At total reflux conditions, passing vapor and liquid streams
have the same composition. That is, the operating line 1s the
45° line. Using this together with the above performance data
and the equilibrium curve in Figun—j: 7.30, we obtain for meth-
ylene chloride, with trays counted from the bottom up:

Y32 = x33 = 0.898 and Y31 = X3p = 0.726

From (6-28),
Y32 — Y31
yékz — Y31

(Emv)an =

From Figure 7.30, for x3; = 0.726, y3, = 0.917,

0.898 — 0.726
0.917 — 0.726

=090 or 90%

(Epv)in =

Empirical Correlations

Based on 41 sets of performance data for bubble-cap-tray
and sieve-tray columns, distilling mainly hydrocarbon
mixtures and a few water and miscible organic mixtures,
Drickamer and Bradford [11] correlated the overall stage etfi-
ciency for the separation of the two key components 1n terms
of the molar-average liquid viscosity of the tower feed at the
average tower temperature. The data covered average tem-
peratures from 157 to 420°F, pressures from 14.7 to 366 psia,
feed liquid viscosities from 0.066 to 0.355 cP, and overall tray
efficiencies from 41% to 88%. The empirical equation

E, =13.3 — 66.8 log (7-42)

where E, is in percent and . is in centipoise, fits the data
with average and maximum percent deviations of 5.0% and
13.0%, respectively. A plot of the Drickamer and Bradford
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Figure 7.31 Drickamer and Bradford correlation for plate
efficiency of distillation columns.

correlation, compared to performance data for distillation, 1s
given in Figure 7.31. Equation (7-42) 1s restricted to the
range of the data and i1s intended mainly for hydrocarbon
mixtures.

Mass-transter theory, discussed in Section 6.5, indicates
that, when the relative volatility covers a wide range, the
relative importance of liquid-phase and gas-phase mass-
transter resistances can shift. Thus, as might be expected,
O’Connell [12] found that the Drickamer—Bradford correla-
tion correlates data inadequately for fractionators operating
on key components with large relative volatilities. Separate
- correlations 1n terms of a viscosity—volatility product were
developed for fractionators and for absorbers and strippers
by O’Connell. However, as shown in Figure 7.32, Lockhart
~and Leggett [13] were able to obtain a single correlation by
using the product of liquid viscosity and an appropriate
volatility as the correlating variable. For fractionators, the
relative volatility of the key components was used; for
hydrocarbon absorbers, the volatility was taken as 10 times
the K-value of a selected key component, which must be one

B\g: T x
o e ©
o
2
o 20
by
D
> 10 et L
S g O Distillation of hydrocarbons
= & © Distillation of water solutions
o x Absorption of hydrocarbons
S 4 + Distillation data of Williams et al. [9]
© O Distillation data of FRI for valve trays [24]
[
2

0.1 2 .4 .6.810 2. 4. 6. 8.10. 20.
Viscosity — volatility product, ¢P

40. 60. 100. 200.
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that 1s reasonably distributed between top and bottom prod-
ucts. The data used by O’Connell cover a range of relative
volatility from 1.16 to 20.5. A comprehensive study of the
effect on E, of the ratio of hiquid-to-vapor molar flow rates,
L/V, for eight different binary systems in a 10-in.-diameter
column with bubble-cap trays was reported by Williams,
et al. [9]. The systems included water, hydrocarbons, and
other organic compounds. While L/V did have an effect, it
could not be correlated. For fractionation with L/V nearly
equal to 1.0 (i.e., total reflux), their distillation data, which
are included in Figure 7.32, are 1n reasonable agreement
with the O’Connell correlation. For the distillation of hydro-
carbons in a column having a diameter of 0.45 m, Zuiderweg,
Verburg, and Gilissen [14] found differences in E, among
bubble-cap, sieve, and valve trays to be insignificant at 85%
of flooding. Accordingly, Figure 7.32 1s assumed to be
applicable to all three tray types, but may be somewhat
conservative for well-designed trays. For example, data of
Fractionation Research Incorporated (FRI) for valve trays
operating with the cyclohexane/n-hexane and 1sobutane/
n-butane systems are also included in Figure 7.32 and show
efficiencies 10% to 20% higher than the correlation.

For the distillation data plotted in Figure 7.32, which
cover a viscosity—relative volatility range tor distillation of
from 0.1 to 10 cP, the O’Connell correlation fits the empiri-
cal equation

E, = 50.3(ap) "% (7-43)

where E, is 1n percent and w 1s in centipoise. The relative
volatility 1s determined for the two key components at aver-
age column conditions.

Most of the data for developing the correlation of Fig-
ure 7.32 are for columns having a liquid flow path across the
active tray area of from 2 to 3 ft. Gautreaux and O’Connell
[15], using theory and experimental data, showed that higher
etficiencies are achieved for longer flow paths. For short lig-
uid flow paths, the liquid flowing across the tray is usually
mixed completely. For longer flow paths, the equivalent of
two or more completely mixed, successive liquid zones may

I

~ Figure 7.32 Lockhart and Leggett

. version of the O’Connell correlation for
overall tray efficiency of fractionators,
absorbers, and strippers.
[Adapted from F.J. Lockhart and C. W,

Leggett, in Advances in Petroleum Chemistry

and Refining, Vol. 1, Eds., K.A. Kobe and
John J. McKetta, Jr., Interscience, New York,
pp- 323-326 (1958).]

500. 1,000.
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Table 7.5 Correction to Overall Tray Efficiency
for Length of Liquid Flow Path (0.1 < pa < 1.0)

Length of Value to Be Added to
Liquid Flow Path, ft E, from Figure 7.32, %
3 0
4 10
5 15
6 20
3 23
10 , 25
15 27

Source: F.J. Lockhart and C.W. Leggett, in K.A. Kobe
and J.J. McKetta, Jr., Eds., Advances in Petroleum

Chemistry and Refining, Vol. 1, Interscience, New York,
pp. 323~326 (1938).

be present. The result 1S a greater average dri\?ing force for
mass transfer, and, thus, a higher efficiency—sometimes
even greater than 100%. Provided that the viscosity—
volatility product lies between 0.1 and 1.0, Lockhart and
Leggett [13] recommend addition of the increments 1n

Table 7.5 to the value of E, from Figure 7.32 when the liquid

flow path 1s greater than 3 ft. However, at large liquid rates,
long liquid-path lengths are undesirable because they lead to
excessive liquid gradients, causing maldistribution of vapor
flow. The use of multipass trays, shown in Figure 6.16, to pre-
vent excessive liquid gradients 1s discussed 1n Section 6.5.

EXAMPLE 7.7

For the benzene-toluene distillation of Figure 7.1, use the
Drickamer—Bradford and O’Connell correlations to estimate the
overall stage etficiency and number of actual plates required. Cal-
culate the height of the tower assuming 24-in. tray spacing, with 4 ft
above the top tray for removal of entrained liquid and 10 ft below
the bottom tray for bottoms surge capacity. The separation requires
20 equilibrium stages plus a partial reboiler that acts as an equilib-
rium stage.

SOLUTION

For estimating overall stage efficiency, the liquid viscosity 1s deter-
mined at the teed-stage condition of 220°F, assuming a liquid com-
position of 50 mol% benzene.

. of benzene = 0.10 cP;
Average . = 0.11 cP.

w of toluene = 0.12 cP;

From Figure 7.3, take the average relative volatility as

2.52 4 2.26

Qiop T Olhottom
Average o = =

2

From the Drickamer-Bradford correlation (7-42), E, = 13.3 —
66.8 log(0.11) = 77%

= 2.39

This is close to the value given in the description of this problem.

Therefore, 26 actual trays are required and column height =
44226 - 1)+ 10 = 64 ft.

From the O’Connell correlation (7-43),
E, = 50.3[(2.39)(0.11)]7%%%° = 68%.

For a 5-ft-diameter column, the length of the liquid flow path is
about 3 ft for a single-pass tray and even less for a two-pass tray.
From Table 7.5, the efficiency correction 1s zero. Therefore, the

actual number of trays required is 20/0.68 = 29.4, or call 1t 30 trays.
Column height =4 + 2(30 — 1) 4+ 10 = 72 {t.

Semi-Theoretical Models

In Section 6.5, semi-theoretical tray models based on the
Murphree vapor efficiency and the Murphree vapor-point ef-
ficiency are applied to absorption and stripping. These same
relationships are valid for distillation. However, because the
equilibrium line is curved for distillation, A must be taken as
mV/L (not KV/L = 1/A), where m = local slope of the
equilibrium curve = dy/dx. In Section 6.6, the method of
Chan and Fair [16] 1s used for estimating the Murphree
vapor-point efficiency from mass-transter considerations.
The Murphree vapor efficiency can then be estimated. The
Chan and Fair correlation is specifically applicable to binary
distillation because it was developed from experimental data
that includes six different binary systems.

Scale-up from Laboratory Data

When binary mixtures form 1deal or nearly ideal solutions, it
is rarely necessary to obtain laboratory distillation data.
Where nonideal solutions are formed and/or the possibility of
azeotrope formation exists, use of a small laboratory
Oldershaw column, of the type discussed in Section 6.5,
should be used to verify the desired degree of separation and
to obtain an estimate of the Murphree vapor-point efficiency.
The ability to predict the efficiency of an industrial-size sieve-
tray column from measurements with 1-in. glass and 2-in.
metal diameter Oldershaw columns 1s shown 1n Figure 7.33,
from the work of Fair, Null, and Bolles [17]. The measure-
ments were made for the cyclohexane/n-heptane system at
vacuum conditions (Figure 7.33a) and at near-atmospheric
conditions (Figure 7.33b) and tfor the isobutane/n-butane
system at 11.2 atm (Figure 7.33c). The Oldershaw data are
correlated by the solid lines. Data tor the 4-ft-diameter col-
umn with sieve trays of 8.3% and 13.7% open area were
obtained by Sakata and Yanagi [18] and Yanagi and Sakata
[19], respectively, of FRI. The Oldershaw column is
assumed to measure point efficiency. The FRI column mea-
sured overall efficiency, but the relations of Section 6.5 were
used to convert the FRI data to the point efficiencies shown
in Figure 7.33. The data cover a percent of flooding ranging
from about 10% to 95%. Data from the Oldershaw column
are 1n reasonable agreement with the FRI data for 14% open
area, except at the lower part of the tlooding range. In Fig-
ures 7.33b and 7.33c, the FRI data tfor 8% open area show
efficiencies as much as 10 percentage points higher.
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7.4 DIAMETER OF TRAYED TOWERS
AND REFLUX DRUMS

In Section 6.6, methods for estimating tray diameter and
pressure drop for absorbers and strippers are presented.
These same methods apply to distillation columns. Calcu-
lations of column diameter are usually made for conditions
at the top and bottom trays of the tower. If the diameters
ditfer by 1 ft or less, the larger diameter is used for the en-
tire column. If the diameters differ by more than 1 ft, it is
often more economical to swage the column, using the dif-

ferent diameters computed for the sections above and
below the feed. '

Reflux Drums

Almost all commercial towers are provided with a cylindri-
cal reflux drum, as shown in Figure 7.1. This drum is usually
located near ground level, necessitating a pump to lift the re-
flux to the top of the column. If a partial condenser is used,
the drum 1s often oriented vertically to facilitate the separa-
tion of vapor from liquid—in effect, acting as a flash drum.
Vertical reflux and flash drums are sized by calculating a
minimum drum diameter, Dr, to prevent liquid carryover by
entrainment, using (6-44) in conjunction with the curve for
24-1n. tray spacing in Figure 6.24 and a value of Fys = 1.0
in (6-42). Also, f = 0.85 and A; = O are used. To absorb
process upsets and fluctuations, and otherwise facilitate con-
trol, vessel volume, Vy, is determined on the basis of liquid
residence time, ¢, which should be at least 5 min, with the

(b) cyclohexane/n-heptane
systems; (¢) 1sobutane/
n-butane system.

vessel half full of liquid [20]:

DLM;t
PL

(7-44)

where L 1s the molar liquid flow rate leaving the vessel.
Assuming a vertical, cylindrical vessel and neglecting the
volume associated with the heads, the height H of the
vessel 1S

4Vy
H = 5 (7-45)
D7

However, if H > 4D7, it is generally preferable to increase
D7 and decrease H to give H = 4D. Then

H 1% 1/3 |
Dr = — = (%) (7-46)

A height above the liquid level of at least 4 ft is necessary for
feed entry and disengagement of liquid droplets from the
vapor. Within this space, it is common to install a wire mesh
pad, which serves as a mist eliminator.

When vapor 1s totally condensed, a cylindrical, horizontal
reflux drum 1s commonly employed to receive the conden-
sate. Equations (7-44) and (7-46) permit estimates of the
drum diameter, Dy, and length, H, by assuming a near-
optimal value for H/D7 of 4, and the same liquid residence
time suggested for a vertical drum. A horizontal drum is also
used tollowing a partial condenser when the liquid flow rate
is appreciably greater than the vapor flow rate.
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EXAMPLE 7.8

Equilibrium vapor and liquid streams leaving a flash drum, sup-
plied by a partial condenser, are as follows:

Component Vapor Liquid
Pound-moles per hour:
HCI 49.2 0.8
Benzene 118.5 81.4
Monochlorobenzene 71.5 178.5
Total 239.2 260.7
Pounds per hour 19,110 26,480
T, °F 270 270
P, psia 35 35
Density, 1b/ft’ 0.371 57.08

Determine the dimensions of the flash drum.

SOLUTION
Using Figure 6.24,

26,480 /0.371\"°
Fry = = ~0.112
“Y 7 19,110 (57.08)

C F at a 24-in. tray spacing is 0.34. Assume, 1n (6-24), that C = CFp.
From (6-40),

57.08 —0.371\%°
Ur = 0*34( et ) — 4.2 ft/s = 15,120 ft/h

From (6-44) with A,/A = 0,

o (4)(19,110)
r [(0.85)(15,120)(3.14)(1)(0.371)

0.5
] = 2.26 ft

From (7-44), with f = 5 min = 0.0833 h,

(2)(26,480)(0.0833)

= 77.3 ft’
(57.08)

Vy

From (7-43),

(4)(77.3)

(3.14)(2.26)?

However, H/Dr = 19.3/2.26 = 8.54 > 4. Theretore, redimension
Vyvior H/Dr = 4.

From (7-46),

3.14

Height above the liquid level i1s 11.64/2 = 5.82 ft, which 1s
adequate.

Alternatively, with a height of twice the minimum disengage-
ment height, H = 8 ft and Dy = 3.5 {t.

77.3\ !}/ .
Dy = ( ) =291 ftand H = 4D7 = (4)(2.91) = 11.64 ft

7.5 RATE-BASED METHOD
FOR PACKED COLUMNS

With the availability of more efficient liquid distributors
and economical and efficient packings, packed towers are
finding increasing use in new distillation processes and for

Table 7.6 Modified Efficiency and Mass-Transfer Equations for
Binary Distillation

AN=mV/L (7-47)
m = dy/dx = local slope of equilibrium curve
Efficiency:
Equations (6.31) to (6.37) hold if A is defined by (7.47)
Mass transfer:
A
S . (7-48)
Noc Ng Nip
1 1 PM
_ L mPMLe (7-49)
KOG kGa kLa
1
o (7-50)
Kya kya kpa
] ] 1
— | (7-51)
Kra kya mkya
Hoc = Hs + ANH; (7-32)
HETP = HogInA/(A — 1) (7-53)

retrofitting existing trayed towers. Methods 1n Section 6.8
for estimating packed-column efficiency, diameter, and pres-
sure drop for absorbers are applicable to distillation. Meth-
ods for determining packed height are similar to those pre-
sented in Section 6.7 and are extended here for use 1n
conjunction with the McCabe-Thiele diagram. Both the
HETP and the HTU methods are discussed and illustrated.
Unlike the case of absorption or stripping of dilute solutions,
where values of HETP and HTU may be constant throughout
the packed height, values of HETP and HTU can vary
over the packed height of a distillation column, especially
across the feed entry, where appreciable changes in vapor
and liquid traffic occur. Also, because the equilibrium line for
distillation is curved rather than straight, the mass-transfer

equations of Section 6.8 must be modified by replacing
AN=KV/L =1/A with

- mV  slope of equilibrium curve
L slope of operating line

where m = dy/dx varies with location in the tower. The
modified efficiency and mass-transter relationships are sum-
marized 1n Table 7.6.

HETP Method

In the HETP method, the equilibrium stages are first stepped
off on a McCabe-Thiele diagram. The case of equimolar
counterdiffusion (EMD) applies to distillation. At each
stage, the temperature, pressure, phase-tlow ratio, and phase

- compositions are noted. A suitable packing material is se-

lected and the column diameter 1s estimated for operation at,
say, 70% of flooding by one of the methods of Section 6.8.
Mass-transfer coefficients for the individual phases are esti-
mated for the conditions at each stage from correlations also



discussed in Section 6.8. From these coefficients, values of
Hoc and HETP are estimated for each stage. The latter val-
ues are then summed to obtain the separate packed heights of
the rectifying and stripping sections. If experimental values
of HETP are available, they are used directly. In computing
values of Hpg from Hg and Hy, or K, from k, and k,, (6-92)
and (6-80) must be modified because for binary distillation
where the mole fraction of the light key may range from
almost O at the bottom of the column to almost 1 at the top
of the column, the ratio (y; — y*)/(x; — x) in (6-76) is no
longer a constant equal to the K-value, but is dy/dx equal to
the slope, m, of the equilibrium curve. The modified equa-
tions are included in Table 7.6.

For the benzene—toluene distillation of Example 7.1, determine
packed heights of the rectifying and stripping sections based on a
column diameter and packing material with the following values

for the individual HTUs. Included are the L/V values for each
section from Example 7.1.

Hg, ft H, ft L/V
Rectitying section 1.16 0.48 0.62
Stripping section 0.90 0.53 1.40

SOLUTION

Slopes dy/dx of the equilibrium curve are obtained from Fig-
ure 7.15 and values of A from (7-47). Hpg for each stage is deter-
mined from (7-52) in Table 7.6. HETP for each stage is determined
from (7-53) in Table 7.6. The results are given in Table 7.7, where
only 0.2 of stage 13 is needed and stage 14 is the partial reboiler.

Based on the results in Table 7.7, 10 ft of packing should be
used in each of the two sections.

Table 7.7 Results for Example 7.9

Stage m A= 7 or m 7 ft HETP, ft

1 0.47 0.76 1.52 1.74

2 0.53 0.85 1.56 1.70

3 0.61 0.98 1.62 1.64

4 0.67 1.08 1.68 1.62

S 0.72 1.16 1.71 1.59

6 0.80 1.29 1.77 1.56
Total for rectifying section: 9.85

7 0.90 0.64 1.32 1.64

8 0.98 0.70 1.28 1.52

9 1.15 0.82 1.34 1.47
10 1.40 1.00 1.43 1.43
11 1.70 1.21 1.53 1.40
12 1.90 1.36 1.62 1.38
13 2.20 1.57 1.73 1.37(0.2) = 0.27
Total for stripping section: 9.11
Total packed height: 18.96
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HTU Method

In the HTU method, equilibrium stages are not stepped off
on a McCabe-Thiele diagram. Instead, the diagram provides
data to perform an integration over the packed height of each
section using either mass-transfer coefficients or transfer
units.

Consider the schematic diagram of a packed distillation
column and its accompanying McCabe-Thiele diagram in
Figure 7.34. Assume that V, L, V. and L are constant in their
respective sections. For equimolar countercurrent diffusion
(EMD), the rate of mass transfer of the hight-key component
from the liquid phase to the vapor phase is

n=Kkya(x —xy) = kya(y; — y) (7-54)
Rearranging:

kxa o _ZI — )
kya X1 — X

(7-35)

Thus, as shown in Figure 7.34b, for any point (x, y) on the
operating line, the corresponding interfacial point (x, yy) on
the equilibrium curve 1s obtained by drawing a line of slope
(—kya/kya) from the point (x, y) to the point where it inter-
sects the equilibrium curve.

By material balance over an incremental section of
packed height, assuming constant molar overflow,

V dy = kya(y; — )S dI (7-56)
Ldx =k.a(x — xS dI (7-57)

where S 1s the cross-sectional area of the packed section.
Integrating over the rectifying section,

(Ir)r ¥2 V dy Xp L dx
e [ [T L
0 VF kyaS(yI T y) Xrg kan(x ""' xI)

(7-38)

‘B
(a)
Figure 7.34 Distillation in a packed column.
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or
2 Hed AD HLdJC
(Ir)r = f g f (7-59)
Yr (yl o y) X f ('x o XI)
Integrating over the stripping section,
(0 ) B [(/T),s‘ dl__. /}’F V dy B I dx
SO w kyaSn—y)  keaS(x — xyp)
(7-60)
or
o Hed oHrd
(I7) s :—__[ G :f Lt (7-61)
o r—y) Jy (x—x1)

In general, values of k, and &, vary over the packed height,
causing the slope (—kya/kya) to vary. If kya > kya, the mam
resistance to mass transfer resides in the vapor and 1t 1S most
accurate to evaluate the integrals in y. For k,a > k.a, the
integrals in x are used. Usually, it is sufficient to evaluate &,
and k. at just three points in each section, from which their
variation with x can be determined. Then by computing and
plotting their ratios from (7-55), a locus of points P can be
found, from which values of (y; — y) for any value of y,
or (x — xy) for any value of x can be read for use 1n 1ntegrals
(7-58) to (7-61). These integrals can be evaluated either
graphically or numerically to determine the packed heights.

EXAMPLE 7.10

Suppose that 250 kmol/h of a mixture of 40 mol% isopropyl ether
in isopropanol is distilled in a packed column operating at 1 atm to
obtain a distillate of 75 mol% isopropyl ether and a bottoms of
95 mol% isopropanol. At the feed entry, the mixture is a saturated
liquid. A reflux ratio of 1.5 times minimum 1s used and the column
is equipped with a total condenser and a partial reboiler. For the
packing and column diameter, mass-transfer coefficients given
below have been estimated from empirical correlations of the type
discussed in Section 6.8. Compute the required packed heights of
the rectifying and stripping sections.

SOLUTION

The distillate and bottoms rates are computed by an overall mater-
1al balance on 1sopropyl ether:

0.40(250) = 0.75D + 0.05(250 — D)
Solving, D = 125 kmol/h and B = 250 — 125 = 125 kmol/h

The equilibrium curve for this mixture at 1 atm 1s shown in
Figure 7.35, where it is noted that isopropyl ether is the light key and
an azeotrope is formed at 78 mol% isopropyl ether. The distillate
composition of 75 mol% is safely below the azeotropic composition.
Also shown in Figure 7.35 are the g-line and the rectification-section
operating line for the condition of minimum reflux. The slope of the

latter line 1s measured to be (L/V)nin = 0.39. From (7-27),

Rpin = 0.39/(1 —0.39) =064 and R = 1.5 Ry = 0.96
L =RD =0.96(125) = 120 kmol/h

-
-

- — T ™ 1
L Isopropyl ether-
4 isopropanol system
0 at 1 atm
o 0.8
Lo i
: Azeotrope
A= |
I -~ |
'*5 0.6 |I
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O
-g 0.4 |
a !
O
-
2
o 0.2
(T
G+
Q@
O
= 0 e
*B 0.2 0.4 0.6 Ap 0.8 1.0

LF
Mole fraction of isopropyl ether in the liquid, x

Figure 7.35 Operating lines and minimum-reflux line for
Example 7.10.

and V =L + D = 120+ 125 = 245 kmol/h
L =L+ Lr =120+ 250 = 370 kmol/h
and V =V — Vg = 245 — 0 = 245 kmol/h

Slope of rectification-section operating line = L/V = 120/245
: = (0.49

This line and the stripping-section operating line are plotted in Fig-
ure 7.35. The partial reboiler, R, is stepped off 1n Figure 7.36 to give
the following end points for determining the packed heights of the
two sections, where the symbols refer to Figure 7.34a:

Rectifying Section

(xy = 0.75, y, = 0.75)
(xp = 0.40, yp = 0.577)

Stripping Section

Top (xp = 0.40, ypr = 0.577)
Bottom (x; = 0.135, y; = 0.18)

1.0

Isopropyl ether—
isopropanol system

at 1 atm
0.8

0.6

Mole fraction of isopropyl ether in the vapor, y

N

g 0.2 0.4 0.6
LF
Mole fraction of isopropyl ether in the liquid, x

Ap (0.8 1.0

Figure 7.36 Mass-transfer driving forces for Example 7.10.
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Mass-transter coefficients at three values of x in each section are as
follows:

kya k.a
x kmol/m’-h-(mole fraction) kmol/m3-h-(mole fraction)

Stripping section:

0.15 305 1,680

0.25 300 1,760

0.35 335 1,960
Rectifying section:

0.45 185 610

0.60 180 ' 670

0.75 165 765

Slopes of the above mass-transfer coefficients are computed, for each
point, x, on the operating line using (7-55), and drawn from the oper-
ating line to the equilibrium line, as shown in Figure 7.36. These lines
are often referred to as tie lines because they tie the operating line to
the equilibrium line. Using the tie lines as hypotenuses, right triangles
are drawn, as shown in Figure 7.36. Dashed locus lines, AB and BC,
are then drawn through the points at the 90° corners of the triangles.
Using these locus lines, additional tie lines can quickly be added to
the three plotted in each section, as needed, to give sufficient accu-
racy. From the tie lines, values of (y; — y) can be tabulated for values
of y on the operating lines. Since the diameter of the column is not
given, the packed volumes are determined from the following
rearrangements of (7-58) and (7-60), where V = Sl

N2 de
Vg =
VF kj’a(yl o }’)

[}’F de
Ve =
Y1 k}’a(yl T y)

Values of k,a are interpolated as necessary. Results are given in the
following table. |

(7-62)

- (7-63)

V(or V) 3
y 01— y) kya kya(yr—y)
Stripping section:
0.18 0.145 307 5.5
0.25 0.150 303 5.4
0.35 0.143 300 5.7
0.45 0.103 320 7.4
0.577 0.030 350 23.3
Rectifying section:
0.577 0.030 187 43.7
0.60 0.033 185 40.1
0.65 0.027 182 49.9
0.70 0.017 175 82.3
0.75 0.010 165 148.5

By numerical integration, Vs = 3.6 m® and Vg = 12.3 m°.

L . e

7.6 PONCHON-SAVARIT GRAPHICAL
EQUILIBRIUM-STAGE METHOD FOR
TRAYED TOWERS

The McCabe-Thiele method, in Section 7.2 for binary distil-
lation, assumes that molar vapor and liquid flow rates are
constant 1n each section of the column. This assumption

Enthalpy, Btu/lbmol x 1073

0 0.2 0.4 0.6 0.8 1.0
Mole fraction of n-hexane, x or y

Figure 7.37 Enthalpy—concentration diagram for n-hexane/
n-octane.

(constant molar overflow) eliminates the need to make an
energy balance around each stage. For nonideal binary mix-
tures, such an assumption may not be valid and the McCabe—
Thiele method may not be accurate. A graphical method that
includes energy balances as well as material balances and
phase equilibrium relations is the Ponchon—Savarit method
[21, 22], which utilizes an enthalpy—composition diagram of
the type shown in Figure 7.37 for the n-hexane/n-octane sys-
tem at 1 atm. This diagram includes curves for the enthalpies
of saturated vapor and liquid mixtures. Terminal points of tie
lines connecting these two curves represent the equilibrium
vapor and liquid compositions, together with vapor and lig-
uid enthalpies, for the given temperature. Isotherms above
the saturated vapor curve represent enthalpies of the super-
heated vapor, while isotherms below the saturated liquid
curve represent the subcooled liquid. In Figure 7.37, a mix-
ture of 30 mol% hexane and 70 mol% octane at 100°F (Point
A) 1s a subcooled liquid. By heating it to Point B at 204°F, it
becomes a liquid at its bubble point (Point B). When a mix-
ture of 20 mol% hexane and 80 mol% octane at 100°F (Point
G) 1s heated to 243°F (Point E), at equilibrium, it splits into
a vapor phase at Point F and a liquid phase at Point D. The
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liquid phase contains 7 mol% hexane, while the vapor con-
tains 29 mol% hexane.

The application of the enthalpy—concentration diagram to
equilibrium-stage calculations may be illustrated by consid-
ering a single equilibrium stage, n — 1, where vapor from
stage n — 2 below is mixed adiabatically with liquid from
stage n above to give an overall mixture, denoted by mole-
fraction z, and then brought to equilibrium. The process is
represented schematically in two steps, mixing followed by
equilibration, at the top of Figure 7.38. The energy-balance
equations for stage n — 1 are

Mixing:
VicoHy—a + Lyhy = (Va2 + LA, (7-64)
Equilibration:
(Viea + Li)hy = Vaoy Hy oy + Lyihuor - (7-65)

where H and A are vapor and liquid molar enthalpies, re-
spectively. The governing material-balance equations for the
light component are

Mixing:
Voo Vu—o +x, L, = 2(Vy_o + Ly) (7-66)
Equilibration:
Z2(Va—o + Ly) = Yn=1 Va1 + Xn1Lny - (7-67)
Simultaneous solution of (7-64) and (7-66) gives
Hio =hy _ Re = I (7-68)

Yn—-2 — <% Z — Xp

which is the three-point form of a straight line plotted 1n

Figure 7.38. Similarly, the simultaneous solution of (7-65)
and (7-67) gives

By —he _ he =

Yn—1 — <& Z — Xp—1

(7-69)

which is also the equation for a straight line. However, in
this case y,—; and x,_; are in equilibrium and, theretore,
the points (H, -1, yu—1) and (h,_1, Xp—1) must lie on the

SUMMARY

1. A binary-liquid and/or binary-vapor mixture can be separated
economically into two nearly pure products (distillate and bottoms)
by distillation, provided that the value of the relative volatility of
the two components is high enough, usually greater than 1.05.

2. Distillation is the most mature and widely used separation
operation, with design procedures and operation practices well
established.

3. The purities of the products from distillation depend on the
number of equilibrium stages in the rectifying section above the
feed entry and in the stripping section below the feed entry, and on
the reflux ratio. Both the number of stages and the reflux ratio must
be greater than the minimum values corresponding to total reflux
and infinite stages, respectively. The optimal reflux-to-minimum-
reflux ratio is usually in the range of 1.10 to 1.50.

VH—Z' Hﬂ"2 ] :
—-——-—".:-'"a Mixi Ly h;:; EQUI“- L__} Vn-—-'l Hn — 1
aéé’;{? t————3>1 brating
——-—-—-?'L_m action j— Ln-— 1+ h” — 1
L..h |

Enthalpy/unit quantity, A, H

il I Ay il A ki ikl i —

0 ]
Concentration, x, ¥
Figure 7.38 Two-phase mixing and equilibration on an

enthalpy—concentration diagram.

opposite ends of the tie line that passes through the mixing
point (., z), as shown in Figure 7.38.

The Ponchon—Savarit method for binary distillation 1s an
extension of the construction in Figure 7.38 to countercur-
rent cascades above and below the feed stage, with consider-
ation of the condenser and reboiler. A detailed description of
the method is not given here because the method has been
largely superseded by the rigorous computer-aided calcula-
tion procedures, discussed in Chapter 10, which 1nclude
energy balances and can be applied to multicomponent as
well as binary mixtures. A detailed presentation of the
Ponchon—Savarit method for binary distillation 1s given by

Henley and Seader [23].

4. Distillation 1s most commonly conducted in trayed towers
equipped with sieve or valve trays, or in columns packed with ran-
dom or structured packings. Many older towers are equipped with

bubble-cap trays.

5. Most distillation towers are equipped with a condenser, cooled
with cooling water, to provide reflux, and a reboiler, heated with
steam, to provide boilup.

6. When the assumption of constant molar overflow is valid in
each of the two sections of the distillation tower, the McCabe-
Thiele graphical method is convenient for determining stage and
reflux requirements. This method facilitates the visualization ot
many aspects of distillation and provides a procedure for locating

the optimal feed-stage location.
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7. Miscellaneous considerations involved in the design of a
distillation tower include selection of operating pressure, type of

condenser, degree of reflux subcooling, type of reboiler, and extent
of feed preheat.

8. The McCabe-Thiele method can be extended to handle
Murphree stage efficiency, multiple feeds, side streams, open
steam, and use of interreboilers and intercondensers.

9. Rough estimates of overall stage efficiency, defined by (6-21),
can be made with the Drickamer and Bradford, (7-42), or O’Connell,
(7-43), correlations. More accurate and reliable procedures use data

from a small Oldershaw column or the same semi-theoretical equa-
tions for mass transfer in Chapter 6 that are used for absorption and
stripping.

10. Tray diameter, pressure drop, weeping, entrainment, and

downcomer backup can all be estimated by the procedures in
Chapter 6.
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EXERCISES

Unless otherwise stated, the usual simplifying assumptions of
saturated-liquid reflux, optimal feed-stage location, no heat losses,
steady state, and constant molar liquid and vapor flows apply to
each of the following problems.

Section 7.1

7.1 List as many differences between absorption and distillation
as you can. List as many differences between stripping and distilla-
tion as you can.

7.2 Prior to the 1980s, packed columns were rarely used for dis-
tillation unless column diameter was less than 2.5 ft. Explain why,
In recent years, some existing trayed towers are being retrofitted
with packing and some new large-diameter columns are being
designed for packing rather than trays. '
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11. Reflux and flash drums are sized by a procedure based on
avoldance of entrainment and provision for adequate liquid resi-
dence time.

12. Packed-column diameter and pressure drop are determined
by the same procedures presented 1in Chapter 6 for absorption and

stripping.

13. The height of a packed column may be determined by the
HETP method, or preterably from the HTU method. Application of
the latter method 1s sumilar to that of Chapter 6 for absorbers and

strippers, but ditfers in the manner in which the curved equilibrium
line must be handled, as given by (7-47).

14. The Ponchon—Savarit graphical method removes the assump-
tion of constant molar overflow 1n the McCabe-Thiele method by
employing energy balances with an enthalpy-concentration dia-
gram. However, use of the Ponchon—Savarit method has largely
been supplanted by rigorous computer-aided methods.
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7.3 A mixture of methane and ethane is to be separated by distil-
lation. Explain why water cannot be used as the coolant in the
condenser. What would you choose as the coolant?

7.4 A mixture of ethylene and ethane is to be separated by distil-
lation. Determine the maximum operating pressure of the column.
What operating pressure would you suggest? Why?

7.5 Under what circumstances would it be advisabie to conduct
laboratory or pilot-plant tests of a proposed distillation separation?

7.6 Explain why an economic tradeoff exists between the number
of trays and the reflux ratio.

Section 7.2

7.7 Following the development by Sorel in 1894 of a mathe-
matical model for continuous, steady-state, equilibrium-stage
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Figure 7.39 Data for Exercise 7.8.

distillation, a number of methods were proposed for solving the
equations graphically or algebraically during an 18-year period
from 1920 to 1938, prior to the availability of digital computers.
Today, the only method from that era that remains in widespread
use 1s the McCabe-Thiele method. What are the attributes of this
method that are responsible for its continuing popularity?

7.8 (a) Forthe cascade shown in Figure 7.39a, calculate the com-
positions of streams V4 and L;. Assume atmospheric pressure, satu-
rated liquid and vapor teeds, and the vapor—liquid equilibrium data
given below. Compositions are in mole percent.

(b) Given the feed compositions 1 cascade (a), how many equi-
librium stages are required to produce a V4 containing 85 mol%
alcohol?

(¢c) For the cascade configuration shown in Figure 7.39b, with
D = 50 mol, what are the compositions of D and L;?

(d) For the configuration of cascade (b), how many equilibrium
stages are required to produce a D of 50 mol% alcohol?

EQUILIBRIUM DATA, MOLE-FRACTION ALCOHOL

x 01 03 05 0.7 0.9
y 02 05 068 08 094

7.9 Liquid air 1s fed to the top of a perforated-tray reboiled strip-
per operated at substantially atmospheric pressure. Sixty percent ot
the oxygen 1n the teed 1s to be drawn off in the bottoms vapor prod-
uct from the still. This product 1s to contain 0.2 mol% nitrogen.
Based on the assumptions and data given below, calculate:

(a) The mole percent of nitrogen 1n the vapor leaving the top plate.
(b) The moles of vapor generated 1n the still per 100 mol of feed.
(¢) The number of theoretical plates required.

Notes: To simplify the problem, assume constant molar over-
flow equal to the moles of feed. Liquid air contains 20.9 mol%
of oxygen and 79.1 mol% of nitrogen. The equilibrium data [ Chem.
Met. Eng., 35, 622 (1928)] at atmospheric pressure are

Temperature, Mole-Percent N, Mole-Percent N,

K in Liquid in Vapor
77.35 100.00 100.00
77.98 90.00 97.17

78.73 79.00 93.62

Temperature, Mole-Percent N, Mole-Percent N
K in Liquid in Vapor
79.44 70.00 90.31
80.33 60.00 85.91
81.35 50.00 80.46
82.54 40.00 73.50
83.94 30.00 64.05
85.62 20.00 50.81
87.67 10.00 31.00
90.17 0.00 0.00

7.10 A mixture of A (more volatile) and B is being separated in a
plate distillation column. In two separate tests run with a saturated-
liquid feed of 40 mol% A, the following compositions, in mol% A,
were obtained for samples of liquid and vapor streams from three
consecutive stages between the feed and total condenser at the top:

Mol % A

Test 1 Test 2

Stage Vapor Liquid Vapor Liquid

M+2 795 68.0 75.0  68.0
M + 1 74.0 60.0 08.0 60.5
M 67.9 51.0 00.5 53.0

Determine the reflux ratio and overhead composition in each case,
assuming that the column has more than three stages.

7.11 A saturated-liquid mixture containing 70 mol% benzene and
30 mol% toluene 1s to be distilled at atmospheric pressure to pro-
duce a distillate of 80 mol% benzene. Five procedures, described
below, are under consideration. For each of the procedures, calcu-
late and tabulate: '

(a) Moles of distillate per 100 moles of feed,
(b) Moles of total vapor generated per mole of distillate,
(c) Mole percent benzene in the residue, and

(d) For each part, construct a y—x diagram. On this, indicate the
compositions of the overhead product, the reflux, and the composi-
tion of the residue.

(e) If the objective 1s to maximize total benzene recovery, which, if
any, of these procedures is preferred?
- Note: Assume that the relative volatility equals 2.5.

The procedures are as tollows:

1. Continuous distillation followed by partial condensation.
The feed is sent to the direct-heated still pot, from which the
residue 1s continuously withdrawn. The vapors enter the top
of a helically coiled partial condenser that discharges into
a trap. The liquid is returned (refluxed) to the still, while
the residual vapor is condensed as a product containing
80 mol% benzene. The molar ratio of reflux to product is 0.5.

2. Continuous distillation in a column containing one equilib-
rium plate. The feed 1s sent to the direct-heated still, from
which residue 1s withdrawn continuously. The vapors from
the plate enter the top of a helically coiled partial condenser
that discharges into a trap. The liquid from the trap is re-
turned to the plate, while the uncondensed vapor is con-
densed to form a distillate containing 80 mol% benzene.
The molar ratio of reflux to product is 0.5.

3. Continuous distillation in a column containing the equivalent
of two equilibrium plates. The feed 1s sent to the direct-heated
still, from which residue 1s withdrawn continuously. The



vapors from the top plate enter the top of a helically coiled
partial condenser that discharges into a trap. The liquid from
the trap 1s returned to the top plate (refluxed) while the uncon-
densed vapor is condensed to form a distillate containing 80
mol% benzene. The molar ratio of refiux to product is 0.5.

4. The operation is the same as that described for Procedure 3

with the exception that the liquid from the trap is returned to
“the bottom plate.

5. Continuous distillation in a column containing the equiva-
lent of one equilibrium plate. The feed at its boiling point is
introduced on the plate. The residue is withdrawn continu-
ously from the direct-heated still pot. The vapors from the
plate enter the top of a helically coiled partial condenser that
discharges into a trap. The liquid from the trap is returned to
the plate while the uncondensed vapor is condensed to form

a distillate containing 80 mol% benzene. The molar ratio of
reflux to product is 0.5.

7.12 A saturated-liquid mixture of benzene and toluene contain-
ing 50 mol% benzene is distillated in an apparatus consisting of a
still pot, one theoretical plate, and a total condenser. The still pot is
equivalent to one equilibrium stage, and the pressure is 101 kPa.

The still is supposed to produce a distillate containing 75 mol%
benzene. For each of the following procedures, calculate, if possi-
ble, the number of moles of distillate per 100 moles of feed.
Assume a relative volatility of 2.5.

(a) No reflux with feed to the still pot.
(b) Feed to the still pot, reflux ratio L/D = 3.
(¢c) Feed to the plate with a reflux ratio of 3.

(d) Feed to the plate with a reflux ratio of 3. However, in this case,
a partial condenser 1s employed.

(e) Part (b) using minimum reflux.
(f) Part (b) using total reflux.

7.13 A fractionation column operating at 101 kPa is to sepa-
rate 30 kg/h of a solution of benzene and toluene containing
0.6 mass-fraction toluene into an overhead product contain-
ing 0.97 mass-fraction benzene and a bottoms product containing
0.98 mass-fraction toluene. A reflux ratio of 3.5 is to be used. The

feed 1s liquid at its boiling point, feed is to the optimal tray, and
the refiux 1s at saturation temperature.

(a) Determine the quantity of top and bottom products.
(b) Determine the number of stages required.

EQUILIBRIUM DATA IN MOLE-FRACTION
BENZENE, 101 KPA

y 021 0.37 051 064 0.72 0.79 0.86 091 096 0.98
x 01 02 03 04 05 06 07 08 09 0095

7.14 A mixture of 54.5 mol% benzene in chlorobenzene at its
bubble point is fed continuously to the bottom plate of a column
containing two theoretical plates. The column is equipped with a
partial reboiler and a total condenser. Sufficient heat is supplied to
the reboiler to give V/F = 0.855, and the reflux ratio L/V in the
top of the column is kept constant at 0.50. Under these conditions,
what quality of product and bottoms (xp, xg) can be expected?

EQUILIBRIUM DATA AT COLUMN PRESSURE,
MOLE-FRACTION BENZENE

x 0.100 0.200 0.300 0.400 0.500 0.600 0.700 0.800
y 0314 0.508 0.640 0.734 0.806 0.862 0.905 0.943
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7.15 A continuous distillation operation with a reflux ratio (L /D)
of 3.5 yields a distillate containing 97 wt% B (benzene) and
bottoms containing 98 wt% T (toluene). Due to weld failures, the
10 plates 1n the bottom section of the column are ruined, but the
14 upper plates are intact. It is suggested that the column still be
used, with the feed (F) as saturated vapor at the dew point, with
F = 13,600 kg/h containing 40 wt% B and 60 wt% T. Assuming
that the plate efficiency remains unchanged at 50%: (a) Can this
column still yield a distillate containing 97 wt% B, (b) How much
distillate can we get, and (¢) What will the composition of the
residue be in mole percent?

For vapor—liquid equilibrium data, see Exercise 7.13.

7.16 A distillation column having eight theoretical stages (seven
in the column + partial reboiler + total condenser) 1s being used to
separate 100 kmol/h of a saturated-liquid feed containing 50 mol%
A nto a product stream contaimning 90 mol% A. The hiquid-to-vapor
molar ratio at the top plate 1s 0.75. The saturated-hiquid feed 1s
introduced on plate 5 from the top. Determine: (a) The composition
of the bottoms, (b) The L/V ratio in the stripping section, and
(¢) The moles of bottoms per hour.

Unbeknown to the operators, the bolts holding plates 5, 6, and 7
rust through, and the plates fall into the still pot. If no adjustments
are made, what 1s the new bottoms composition’

It 1s suggested that, instead of returning refiux to the top plate,
an equivalent amount of hiquid product from another column be
used as reflux. If this product contains 80 mol% A, what now is the
composition of: (a) The distillate, and (b) The bottoms.

EQUILIBRIUM DATA, MOLE FRACTION OF A
y 0.19 037 05 062 071 078 0.84 09 0096

x 01 02 03 04 05 06 07 08 09

7.17 A distillation unit consists of a partial reboiler, a column with
seven equilibrium plates, and a total condenser. The feed consists of
a 50 mol% mixture of benzene 1n toluene. it 1s desired to produce a
distillate containing 96 mol% benzene, when operating at 101 kPa.

(a) With saturated-liquid feed fed to the fifth plate from the top,
calculate: (1) Minimum reflux ratio (Lg/D)min, (2) The bottoms
composition, using a reflux ratio (Lg/D) of twice the minimum, and
(3) Moles of product per 100 moles of feed.

(b) Repeat part (a) for a saturated-vapor feed fed to the fifth plate
from the top.

{c) With saturated-vapor feed fed to the reboiler and a reflux ratio

(L/V) of 0.9, calculate: (1) Bottoms composition, (2) Moles of
product per 100 mole of feed.

Equilibrium data are given in Exercise 7.13.

7.18 A valve-tray fractionating column containing eight theo-
retical plates, a partial reboiler equivalent to one theoretical plate,
and a total condenser is In operation separating a benzene—toluene
mixture containing 36 mol% benzene at 101 kPa. Under normal
operating conditions, the reboiler generates 100 kmol of vapor per
hour. A request has been made for very pure toluene, and it is pro-
posed to operate this column as a stripper, introducing the feed on
the top plate as a saturated liquid, employing the same boilup at the
still, and returning no reflux to the column. Equilibrium data are
grven 1n Exercise 7.13.

(a) What 1s the minimum feed rate under the proposed conditions,
and what is the corresponding composition of the liquid in the
reboiler at the minimum feed?
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(b) Atateed rate 25% above the minimum, what 1s the rate of pro-
duction of toluene, and what are the compositions 1n mole percent
of the product and distillate?

7.19 A solution of methanol and water at 101 kPa containing
50 mol% methanol is continuously rectified 1n a seven-theoretical-
plate, perforated-tray column, equipped with a total condenser and
a partial reboiler heated by steam.

During normal operation, 100 kmol/h of feed 1s introduced on
the third plate from the bottom. The overhead product contains
90 mol% methanol, and the bottoms product contains 5 mol%
methanol. One mole of liquid reflux 1s returned to the column for
each mole of overhead product.

Recently 1t has been impossible to maintain the product purity

i spite of an increase in the reflux ratio. The following test data
were obtained:

Stream kmol/h mol% alcohol

Feed 100 51
Waste 62 12
Product 53 30
Reflux 94 —

What 1s the most probable cause of this poor performance?
What turther tests would you make to establish definitely the
reason tfor the trouble? Could some 90% product be obtained by
further increasing the reflux ratio, while keeping the vapor rate
constant?

Vapor—liquid equilibrium data at 1 atm [Chem. Eng. Prog. 48,
192 (1952)] 1n mole-fraction methanol are

x 0.0321 0.0523 0.075 0.154 0.225 0.349 0.813 0.918
y 0.1900 0.2940 0.352 0.516 0.593 0.703 0918 0.963

7.20 A fractionating column equipped with a partial reboiler
heated with steam, as shown in Figure 7.40, and with a total con-
denser, 1s operated continuously to separate a mixture of 50 mol%
A and 50 mol% B into an overhead product containing 90 mol% A
and a bottoms product containing 20 mol% A. The column has
three theoretical plates, and the reboiler 1s equivalent to one theo-
retical plate. When the system i1s operated at an L/V = 0.75 with

Flow
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- | controller
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Figure 7.40 Data for Exercise 7.20.

the feed as a saturated liquid to the bottom plate of the column, the
desired products can be obtained. The system 1s instrumented as
shown. The steam to the reboiler 1s controlled by a flow controller
so that it remains constant. The reflux to the column 1s also on a
flow controller so that the quantity of reflux i1s constant. The feed
to the column is normally 100 kmol/h, but 1t was iadvertently cut
back to 25 kmol/h. What would be the composition ot the reflux,
and what would be the composition of the vapor leaving the
reboiler under these new conditions? Assume that the vapor leaving
the reboiler i1s not superheated. Relative volatility for the system

1s 3.0.

7.21 A saturated-vapor mixture of maleic anhydride and benzoic
acid containing 10 mol% acid 1s a by-product of the manufacture
of phthalic anhydride. This mixture 1s distilled continuously at
13.3 kPa to give a product of 99.5 mol% maleic anhydride and a
bottoms of 0.5 mol% anhydride. Using the data below, calculate the
number of theoretical plates needed using an L/D of 1.6 times the
minimuin.

VAPOR PRESSURE, TORR:

Temperature, °C: 10 S0 100 200 400
Maleic anhydride 78.7 116.8 135.8 155.9 179.5
Benzoic acid 131.6 167.8 185.0  205.8 227

7.22 A bubble-point binary mixture containing 5 mol% A in B is
to be distilled to give a distillate containing 35 mol% A and a bot-
toms product containing 0.2 mol% A. If the relative volatility is
constant at a value of 6, calculate the following algebraically,
assuming that the column will be equipped with a partial reboiler
and a partial condenser. :

(a) The minimum number of equilibriﬁm stages
(b) The minimum boilup ratio V /B leaving the reboiler

(¢) The actual number of equilibrium stages for a boilup ratio
equal to 1.2 times the minimum value

7.23 Methanol (M) 1s to be separated from water (W) by distilla-
tion as shown in Figure 7.41. The feed is subcooled such that
g = 1.12. Determine the feed-stage location and the number of the-
oretical stages required. Vapor—liquid equilibrium data are given in
Exercise 7.19.

CwW
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* 39 mol% methanol

L/D=1.0
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M 14,460
Y 10,440

99 mol% water
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Figure 7.41 Data for Exercise 7.23.



7.24 A saturated-liquid mixture of 069.4 mol% benzene (B) in
toluene (1) 1s to be continuously distilled at atmospheric pressure
to produce a distillate containing 90 mol% benzene, with a yield
of 25 moles of distillate per 100 moles of feed. The feed is sent to
a steam-heated still (reboiler), where residue is to be withdrawn
continuously. The vapors from the still pass directly to a partial
condenser. From a liquid separator following the condenser, reflux
1s returned to the still. Vapors from the separator, which are in equi-
librium with the liquid reflux, are sent to a total condenser and are
continuously withdrawn as distillate. At equilibrium the mole ratio
of B to T in the vapor may be taken as 2.5 times the mole ratio of B
to T 1n the hquid. Calculate analytically and graphically the total
moles of vapor generated 1n the still per 100 mol of feed.

7.25 A plant has a batch of 100 kmol of a liquid mixture contain-
ing 20 mol% benzene and 80 mol% chlorobenzene. It is desired
to rectify this mixture at 1 atm to obtain bottoms containing only
0.1 mol% benzene. The relative volatility may be assumed constant
at 4.13. There are available a suitable still to vaporize the feed, a
column containing the equivalent of four theoretical plates, a total
condenser, and a reflux drum to collect the condensed overhead.
The run is to be made at total reflux. While the steady state 1s being
approached, a finite amount of distillate is held in a reflux trap.
When the steady state 1s reached, the bottoms contain 0.1 mol%
benzene. With this apparatus, what yield of bottoms can be ob-

tained? The liquid holdup in the column is negligible compared to
that in the still and 1n the reflux drum.

7.26 A mixture of acetone and isopropanol containing 50 mol%
acetone 1s to be distilled continuously to produce an overhead prod-
uct containing 80 mol% acetone and a bottoms containing 25 mol%
acetone. If a saturated-liquid feed is employed, if the column is
operated with a reflux ratio of 0.5, and if the Murphree vapor effi-
ciency 1s 50%, how many trays will be required? Assume a total
condenser, partial reboiler, saturated-liquid reflux, and optimal feed
stage. The vapor—-liquid equilibrium data for this system are

EQUILIBRIUM DATA, MOLE-PERCENT ACETONE

Liquid 0 26 54 117 207 297 341 440 520
Vapor 0 89 174 315 456 557 60.1 687 743

Liquid 639 746 803 865 902 925 957 100.0
Vapor 815 87.0 894 923 942 955 974 100.0

7.27 A mixture of 40 mol% carbon disulfide (CS,) in carbon
tetrachloride (CCly) 1s continuously distilled. The feed is 50%
vaporized (g = 0.5). The top product from a total condenser is
95 mol% CS,, and the bottoms product from a partial reboiler is a
liquid of 5 mol% CS,.

The column operates with a reflux ratio, L/D, of 4 to 1. The
Murphree vapor etficiency is 80%.

(a) Calculate graphically__ the minimum reflux, the minimum boilup
ratio from the reboiler, V /B, and the minimum number of stages
(including reboiler).

(b) How many trays are required for the actual column at 80% ef-
ficiency by the McCabe—Thiele method.

The vapor-hiquid equilibrium data at column pressure for this
mixture 1n terms of CS, mole fraction are

x 0.05 0. 02 0.3 0.4 0.5 06 0.7 038 0.9
y 0.135 0245 042 0545 0.64 0.725 0.79 0.85 0.905 0.955

7.28 A distillation unit consists of a partial reboiler, a bubble-cap
column, and a total condenser. The overall plate efficiency is 65%.
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The feed 1s a liquid mixture, at its bubble point, consisting of
50 mol% benzene 1n toluene. This liquid 1s fed to the optimal plate.
The column is to produce a distillate containing 95 mol% benzene
and a bottoms of 95 mol% toluene. Calculate for an operating pres-
sure of 1 atm: (a) Minimum reflux ratio (L/D)nin, (b) Minimum
number of actual plates to carry out the desired separation,
(c) Using a reflux ratio (L/D) of 50% more than the minimum, the
number of actual plates needed, (d) The kilograms per hour of
product and residue, if the feed 1s 907.3 kg/h, (e¢) The saturated
steam at 273.7 kPa required 1n kilograms per hour for heat to the
reboiler using enthalpy data below and any assumptions necessary,
and (f) A rigorous enthalpy balance on the reboiler, using the
enthalpy data, tabulated below and assuming 1deal solutions.
Enthalpies in Btu/lbmol at reboiler temperature:

hL kv
benzene 4.900 18,130
toluene 8,080 21.830

Vapor-liquid equilibrium data are given in Exercise 7.13.

7.29 A continuous distillation unit, consisting of a perforated-tray
column together with a partial reboiler and a total condenser, 1s to
be designed to operate at atmospheric pressure to separate ethanol
and water. The feed, which 1s introduced 1nto the column as liquid
at 1ts bubble point, contains 20 mol% alcohol. The distillate 1s to
contain 85 mol% alcohol, and the alcohol recovery 1s to be 97%.

(a) What is the molar concentration ot the bottoms?

(b) What 1s the mimnimum value of:
(1) The reflux ratio L/V?
(2) The reflux ratio L/D?
(3) The boilup ratio V /B from the reboiler?

(¢) What 1s the minimum number of theoretical stages and the

corresponding number of actual plates 1f the overall plate etficiency
1s 35%"?

(d) If the reflux ratio L/V used 1s 0.80, how many actual plates will
be required?

Vapor-liquid equilibrium for ethanol-water at 1 atm 1n terms of
mole fractions of ethanol are [Ind. Eng. Chem., 24, 881 (1932)]:

X ¥y T,°C X y T, °C
0.0190  0.1700 9550 | 03273  0.5826  81.50
0.0721 03891  89.00 | 03965  0.6122  80.70
0.0966  0.4375 8670 | 05079  0.6564  79.80
0.1238  0.4704  85.30 ! 05198  0.6599  79.70

01661 05089 8410 | 05732  0.6841  79.30
02337 05445 8270 | 06763  0.7385  78.74
02608 05580 8230 | 07472 07815 7841

- | 08943 08943  78.15

7.30 A solvent A is to be recovered by distillation from its water
solution. It 1s necessary to produce an overhead product containing
95 mol% A and to recover 95% of the A 1n the feed. The feed is
available at the plant site in two streams, one containing 40 mol%
A and the other 60 mol% A. Each stream will provide 50 kmol/h of
component A, and each will be fed into the column as saturated lig-
uid. Since the less volatile component 1s water, 1t has been proposed
to supply the necessary heat in the torm ot open steam. For the pre-
liminary design, it has been suggested that the operating reflux
ratio, L/D, be 1.33 times the minimum value. A total condenser will
be employed. For this system, it is estimated that the overall plate
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efficiency will be 70%. How many plates will be required, and
what will be the bottoms composition? The relative volatility may
be assumed to be constant at 3.0. Determine analytically the points
necessary to locate the operating lines. Each feed should enter the
column at its optimal location.

7.31 A saturated-liquid feed stream containing 40 mol% n-
hexane (H) and 60 mol% n-octane is fed to a plate column. A reflux
ratio L/D equal to 0.5 is maintained at the top of the column. An
overhead product of 0.95 mole fraction H is required, and the col-
umn bottoms is to be 0.05 mole fraction H. A cooling coil sub-
merged in the liquid of the second plate from the top removes suf-
ficient heat to condense 50 mol% of the vapor rising from the third
plate down tfrom the top.

(a) Derive the equations needed to locate the operating line.

(b) Locate the operating lines and determine the required number
of theoretical plates if the optimal feed plate location 1s used.

7.32  One hundred kilogram-moles per hour of a saturated liquid
mixture of 12 mol% ethyl alcohol in water is distilled continuously
by direct steam at 1 atm introduced directly to the bottom plate. The
distillate required is 85 mol% alcohol, representing 90% recovery
of the alcohol in the feed. The reflux is saturated liquid with
L/D = 3. Feed is on the optimal stage. Vapor-liquid equilibrium
data are given in Exercise 7.29. Calculate:

(a) Steam requirement, kmol/h

(b) Number of theoretical stages
(¢) The feed stage (optimal)

(d) Minimum refiux ratio, (L/D)min

7.33 A water—isopropanol mixture at its bubble point containing
10 mol% isopropanol is to be continuously rectified at atmospheric
pressure to produce a distillate containing 67.5 mol% isopropanol.
Ninety-eight percent of the isopropanol in the feed must be recov-
ered. If a reflux ratio L/D of 1.5 times the minimum 1s used, how
many theoretical stages will be required: (a) If a partial reboiler 1s
used? (b) If no reboiler is used and saturated steam at 101 kPa 1s 1n-
troduced below the bottom plate? (¢) How many stages are required
at total reflux?

Vapor-liquid equilibrium data in mole fraction of isopropanol at
101 kPa are

T,°C 93.00 84.02 8212 8125 80.62 80.16 80.28 381.51
y 0.2195 0.4620 0.5242 0.5686 0.5926 0.6821 0.7421 0.9160
X 0.0118 0.0841 0.1978 0.3496 0.4525 0.6794 0.7693 0.9442

- Notes: Composition of the azeotrope is x = y = 0.6854. Boiling
point of azeotrope = 80.22°C

7.34 An aqueous solution containing 10 mol% isopropanol 1s fed
at its bubble point to the top of a continuous stripping column,
operated at atmospheric pressure, to produce a vapor contaimng
40 mol% isopropanol. Two procedures are under consideration,
both involving the same heat expenditure with V/F (moles of vapor
generated/mole of feed) = 0.246 in each case. Scheme 1 uses a
partial reboiler at the bottom of a plate-type stripping column, gen-
erating vapor by the use of steam condensing inside a closed coil.
In Scheme 2, the reboiler is omitted and live steam 1s injected
directly below the bottom plate. Determine the number of stages
required 1n each case.

Equilibrium data for the system isopropanol—water are given in
Exercise 7.33. The usual simplifying assumptions may be made.

7.35 Determine the optimal-stage location for each feed and the
number of theoretical stages required for the distillation separation
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Figure 7.42 Data for Exercise 7.35.

shown in Figure 7.42 using the following equilibrium data in mole
fractions.

WATER (W)Y/ACETIC ACID (A), 1 ATM

xw 0.0055 0.053 0.125 0206 0.297 0.510 0.649 0.803 0.9594
yw 0.0112 0.133 0.240 0338 0437 0.630 0751 0866 0.9725

7.36 Determine the number of theoretical stages required and the
optimal-stage locations for the feed and liquid side stream for the
distillation process shown in Figure 7.43 assuming that methanol (M)
and ethanol (E) form an ideal solution.

7.37 A mixture of n-heptane (H) and toluene (T) 1s separated by
extractive distillation with phenol (P). Distillation 1s then used to
recover the phenol for recycle as shown 1n Figure 7.44a, where the
small amount of n-heptane in the feed 1s 1gnored. For the conditions
shown in Figure 7.44a, determine the number of theoretical stages

—
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kgmol/h

M 75 L.iquid 15 kgmol/h
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Figure 7.43 Data for Exercise 7.306.
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required. Note that heat will have to be supplied to the reboiler at a
high temperature because of the high boiling point of phenol.

Therefore, consider the alternative scheme in Figure 7.44b, where
an interreboiler, located midway between the bottom plate and
the feed stage, is used to provide 50% of the boilup used in Fig-
ure 7.44a. The remainder of the boilup i1s provided by the reboiler.
Determine the number of theoretical stages required for the case
with the interreboiler and the temperature of the interreboiler stage.

Unsmoothed vapor—liquid equilibrium data at 1 atm are [7rans.
AIChE, 41, 555 (1945)]:

XT YT I, °C AT YT T, °C
0.0435 03410 17270 | 0.6512 09260  120.00
00872 05120 15940 | 0.7400 09463  119.70
0.1186  0.6210  153.80 | 0.7730 09536  119.40
0.1248  0.6250 14940 | 0.8012 009545  115.60
02190  0.7850 14220 | 0.8840 09750  112.70
02750  0.8070  133.80 | 09108  0.9796  112.20
04080  0.8725 12830 | 09394 09861  113.30
0.4800  0.8901 126.70 | 09770  0.9948 111.10
05898  0.9159 12220 | 09910 09980  111.10
0.6348  0.9280 12020 | 09939 0998  110.50

| 09973 0.9993  110.50

7.38 A distillation column for the separation of n-butane from
n-pentane was recently put into operation in a petroleum refinery.
Apparently, an error was made in the design because the column

fails to make the desired separation as shown in the following table
|Chem. Eng. Prog., 61 (8), 79 (1965)]:

Design Actual
Specification Operation
Mol% nCs in distillate 0.26 13.49
Mol% nC, in bottoms 0.16 4.28

In order to correct the situation, it 1s proposed to add an inter-
condenser in the rectifying section to generate more reflux and an
interreboiler in the stripping section to produce additional boilup.
Show by use of a McCabe-Thiele diagram how such a proposed
change can improve the operation.

(b) Exercise 7.37.

7.39 In the production of chlorobenzenes by chlorination of ben-
zene, two close-boiling isomers, para-dichlorobenzene (P) and
ortho-dichlorobenzene (O), are separated by distillation. The feed
to the column consists of 62 mol% of the para isomer and 38 mol%
of the ortho isomer. Assume that the pressures at the bottom and top
of the column are 20 psia (137.9 kPa) and 15 psia (103.4 kPa),
respectively. The distillate is a liquid containing 98 mol% para
isomer. The bottoms product 1s to contain 96 mol% ortho 1somer.
At column pressure, the feed 1s slightly vaporized with g = 0.9.
Calculate the number of theoretical stages__required for a reflux ratio
equal to 1.15 times the minimum-reflux ratio. Base your calcula-
tions on a constant relative volatility obtained as the arithmetic
average between the column top and column bottom using appro-
priate vapor pressure data and the assumption of Raoult’s and
Dalton’s laws. The McCabe—Thiele construction should be supple-
mented at the two ends by use of the Kremser equations as illus-
trated in Example 7.4.

7.40 Relatively pure oxygen and nitrogen can be obtained by the
distillation of air using the Linde double column, which, as shown
in Figure 7.45, consists of a lower column operating at elevated
pressure surmounted by an atmospheric-pressure column. The
boiler of the upper column is at the same time the reflux condenser
for both columns. Gaseous air plus enough liquid to take care ot
heat leak into the column (more liquid, of course, if liquid-oxygen
product is withdrawn) enters the exchanger at the base of the lower
column and condenses, giving up heat to the boiling liquid and thus
supplying the vapor flow for this column. The liquid air enters an
intermediate point in this column, as shown in Figure 7.45. The
vapors rising in this column are partially condensed to form the
reflux, and the uncondensed vapor passes to an outer row of tubes
and is totally condensed, the liquid nitrogen collecting in an annu-
lus, as shown. By operating this column at 4 to 5 atm, the liquid
oxygen boiling at 1 atm is cold enough to condense pure nitrogen.
The liquid that collects in the bottom of the lower column contains
about 45 mol% O, and forms the feed for the upper column. Such a
double column can produce very pure oxygen with high oxygen
recovery, and relatively pure nitrogen. On a single McCabe—Thiele
diagram—using equilibrium lines, operating lines, g-lines, 45°line,
stepped-off stages, and other illustrative aids—show qualitatively
how the stage requirements of the double column can be computed.
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Figure 7.45 Data for Exercise 7.40.

Section 7.3

7.41 The following performance data have been obtained for a

distillation tower separating a 50/50 by weight percent mixture of
methanol and water:

Feed rate = 45 ,438 1b/h, Feed condition = bubble-point liquid at

feed-tray pressure, Wt% methanol in distillate = 95.04, and
W1t% methanol in bottoms = 1.00

Reflux ratio = 0.947; Reflux condition = saturated liquid
Boilup ratio = 1.138; Pressure in reflux drum = 14.7 psia
Type condenser = total; Type reboiler = partial

Condenser pressure drop = 0.0 psi; Tower pressure drop =
0.8 psi

Trays above teed tray = J5; Trays below feed tray = 6

Total trays = 12; Tray diameter = 6 ft

Type tray = single-pass sieve tray; Flow path length = 50.5 1n.
Weir length = 42.5 in.; Hole area = 10%; Hole size = 3/16 1n.
Weir height = 2 1n.; Tray spacing = 24 1n.

Viscosity of feed = 0.34 cP

Surface tension of distillate = 20 dyne/cm; Surface tension of
bottoms = 58 dyne/cm

A

335.6 Ibmol/h benzene |
0.9 Ibmol/h monochlorobenzene

. v

1 Top tray

| 23 psia
204°F

Temperature of top tray = 154°F; Temperature of bottom
tray = 207°F
Vapor—liquid equilibrium data at column pressure in mole fraction
of methanol are

0.729  0.792
0.398 0.518

0.379  0.578 0.675
0.0854 0.205 0.315

0.915
0.793

y  0.0412
x  0.00565

0.156
0.0246

Based on the above data:

(a) Determine the overall tray efficiency from the data, assuming
that the reboiler is the equivalent of a theoretical stage.

(b) Estimate the overall tray efficiency from the Drickamer—
Bradford correlation.

(c) Estimate the overall tray efficiency from the O’Connell corre-
lation, accounting for length of flow path.

(d) Estimate the Murphree vapor tray efficiency by the method of
Chan and Fair.

7.42 For the conditions of Exercise 7.41, a laboratory Oldershaw

column measures an average Murphree vapor-point efficiency of
65%. Estimate Ey v and E,.

Section 7.4

7.43 Conditions for the top tray of a distillation column are as
shown in Figure 7.46. Determine the column diameter correspond-
ing to 85% of flooding 1f a valve tray 1s used. Make whatever as-
sumptions necessary.

7.44 A separation of propylene from propane is achieved by dis-
tillation as shown in Figure 7.47, where two columns in series are
used because a single column would be too tall. The tray numbers
refer to equilibrium stages. Determine the column diameters, tray
efficiency using the O’Connell correlation, number of actual trays,
and column heights 1f perforated trays are used.

7.45 Determine the height and diameter of a vertical flash drum
for the conditions shown in Figure 7.48.

7.46 Determine the length and diameter of a horizontal reflux
drum for the conditions shown in Figure 7.49.

7.47 Results of design calculations for a methanol-water distilla-
tion operation are given in Figure 7.50. |

(a) Calculate the column diameter at the top tray and at the bottom
tray for sieve trays. Should the column be swaged?

(b) Calculate the length and diameter of the horizontal reflux
drum.

7.48 For the conditions given in Exercise 7.41, estimate for the
top tray and the bottom tray: (a) Percent of flooding, (b) Tray pres-
sure drop in psi, (¢) Whether weeping will occur, (d) Entrainment
rate, and (e) Froth height in the downcomer.

7.49 If the feed rate to the tower of Exercise 7.41 is increased
by 30% with all other conditions except for tower pressure drop
remaining the same, estimate for the top and bottom trays: (a) Per-

274.0 Ibmol/h benzene
0.7 Ibmol/h monochlorobenzene

Figure 7.46 Data for Exercise 7.43.
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nCq 0.99
RC-; 0.01

cent of flooding, (b) Tray pressure drop in psi, (¢) Entrainment rate,
(d) Froth height 1in the downcomer. Will the new operation be
acceptable? If not, should you consider a retrofit with packing? If
so, should both sections of the column be packed or could just one
section be packed to achieve an acceptable operation?

Section 7.5

7.50 A mixture of benzené and dichloroethane 1s used to test the
efficiency of a packed column that contains 10 ft of packing and op-

erates adiabatically at atmospheric pressure. The liquid is charged
to the reboiler, and the column is operated at total reflux until equi-
librium 1s established. At equilibrium, hquid samples from the
distillate and reboiler, as analyzed by refractive index, give the fol-
lowing compositions for benzene: xp = 0.653, xz = 0.298.

Calculate the value of HETP 1n inches for this packing. What
are the limitations on using this calculated value for design?
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‘Saturated
liquid
€ 9 189°F
33 psia
32 *

462,385 |b/h
99.05 mole % methanol

Feed 9

442,900,000 Btu/h

262.5°F, 40 psia

188,975 Ib/h
1.01 mol% methanoi

Figure 7.50 Data for Exercise 7.47.

Data for x—y at 1 atm (in benzene mole fractions) are

x 01 02 03 04 05 06 07 08 09
y 011 022 0325 0426 0526 0.625 0720 0.815 091

7.51 Consider a distillation column for separating ethanol from
water at 1 atm. The following specifications are set:

Feed: 10 mol% ethanol (bubble-point liquid)
Bottoms: 1 mol% ethanol |
Distillate: 80 mol% ethanol (saturated Hquid)
Reflux ratio: 1.5 times the minimum |

Constant molar overflow may be assumed and vapor—liquid equi-
librium data are given in Exercise 7.29.

(a) How many theoretical plates are required above and below the
feed if a plate column 1s used?

(b) How many transfer units are required above and below the feed
if a packed column 1s used?

(c) Assuming that the plate efficiency 1s approximately 80% and
the plate spacing is 18 in., how high is the plate column?

(d) Using an Hp value of 1.2 ft., how high 1s the packed column?

(e) Assuming that you had HT'U data available only on the benzene—
toluene system, how would you go about applying the data to
obtain the HTU for the ethanol-water system?

7.52. Plant capacity for the methanol-water distillation of Exer-
cise 7.41 is to be doubled. Rather than installing a second trayed
tower identical to the one in operation, a packed column is to be
considered for the new installation. This column will have a feed
location identical to the present trayed tower and will be expected
to achieve the same product purities with the same top pressure and
reflux ratio. Two packings are being considered:

1. 50-mm plastic NOR PAC rings (a random packing)
2. Montz metal B1-300 (a structured packing)

For each of these two packings, design a packed column to operate at
70% of flooding by calculating for each section: (a) Liquid holdup,
(b) Column diameter, (¢) Hpg, (d) Packed height, (e) Pressure drop.

What are the advantages, if any, of each of the packed-column de-
signs over a second trayed tower? Which packing, 1if either, i1s
preferable?
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Table 7.8 Methanol-Water Vapor-Liquid Equilibrium and Enthalpy Data for 1 atm (MeOH = Methyl Alcohol)

Enthalpy above 0°C,
Btu/lbmol Solution Vapor Liquid Equilibrium Data
Saturated Mol%
Mol % Saturated Vapor Liquid MeOH 1n
MeOH Temperature,
y or x T, °C hy T, °C hy Liquid Vapor °C
0 100 20,720 100 3,240 0 0 100
5 98.9 20,520 02.8 3,070 2.0 13.4 96.4
10 7.7 20,340 87.7 2,950 4.0 23.0 93.5
15 96.2 20,160 84 .4 2,850 6.0 30.4 91.2
20 94.8 20,000 81.7 2,760 8.0 36.5 89.3
30 91.6 19,640 78.0 2,620 10.0 41.8 87.7
40 88.2 19,310 75.3 2,540 15.0 51.7 84.4
50 84.9 18,970 73.1 2,470 20.0 57.9 81.7
60 30.9 18,650 71.2 2,410 30.0 66.5 78.0
70 76.6 18,310 69.3 2,370 40.0 72.9 75.3
80 . 72.2 17,980 67.6 2,330 50.0 77.9 73.1
90 68.1 17,680 66.0 2,290 60.0 82.5 71.2
100 64.5 17,390 64.5 2,250 70.0 87.0 69.3
80.0 " 91.5 67.6
90.0 95.8 66.0
95.0 97.9 65.0
100.0 100.0 64.5

Source: J.G. Dunlop, “Vapor-Liquid Equilibrium Data,” M.S. thesis, Brooklyn Polytechnic Institute, Brooklyn, NY (1948).

7.53 Forthe specifications of Example 7.1, design a packed column
using 50-mm metal Hiflow rings and operating at 70% of flooding by
calculating tor each section: (a) Liquid holdup, (b) Column diameter,
(c) Hog, (d) Packed height, and (e) Pressure drop.

What are the advantages and disadvantages of a packed column as
compared to a trayed tower for this service?

Section 7.6

7.54 An enthalpy-concentration diagram is given in Figure 7.37

for a mixture of n-hexane (H), and n-octane (O) at 101 kPa. Using
this diagram, determine the following:

(a) The mole-fraction composition of the vapor when a liquid
containing 30 mol% H 1s heated from point A to the bubble-point
temperature at point B.

(b) The energy required to vaporize 60 mol% of a mixture initially
at 100°F and containing 20 mol% H (point G).

(¢) The composttions of the equilibrium vapor and liquid resulting
from part (b).

7.55 Using the enthalpy-concentration diagram of Figure 7.37,

determine the following for a mixture of n-hexane (H) and n-octane
(O) at 1 atm:

(a) The temperature and compositions of equilibrium liquid and
vapor resulting from adiabatic mixing of 950 Ib/h of a mixture of

30 mol% H in O at 180°F with 1,125 1b/h of a mixture of 80 mol%
H in O at 240°F.

(b) The energy required to partially condense, by cooling, a mix-
ture of 60 mol% H in O from an initial temperature of 260°F to
200°F. What are the compositions and amounts of the resulting
vapor and liquid phases per pound-mole of original mixture?

(¢) If the equilibrium vapor from part (b) is further cooled to
180°F, determine the compositions and relative amounts of the re-
sulting vapor and liquid.

7.56 One hundred pound-moles per hour of a mixture of 60 mol%
methanol 1in water at 30°C and 1 atm is to be separated by distilla-
tion at the same pressure 1nto a liquid distillate containing 98 mol%
methanol and a bottoms liquid product containing 96 mol% water.
Enthalpy and equilibrium data for the mixture at 1 atm are given in

Table 7.8. The enthalpy of the feed mixture 1s 765 Btu/lbmol.

(a) Using the given data, plot an enthalpy—concentration diagram.

(b) Devise a procedure to determine, from the diagram of part (a),
the minimum number of equilibrium stages for the condition of
total reflux and the required separation.

(c) From the procedure developed in part (b), determine Np,;,. Why
1s the value independent of the feed condition?

(d) What are the temperatures of the distillate and the bottoms?



