Chapter 8

Liquid Extraction of Ternary Systems

In liguid-liquid extraction, a liquid feed of two or more
components to be separated i1s contacted with a second
liquid phase, called the solvent, which i1s immiscible or only
partly miscible with one or more components of the liquid
feed and completely or partially miscible with one or more
of the other components of the liquid feed. Thus, the solvent,
which 15 a single chemical species or a mixture, partially
dissolves certain components of the liquid feed, effecting
at least a partial separation of the feed. Liquid-liquid
extraction is sometimes called extraction, solvent extraction,
or liquid extraction. These, as well as the term solid-liquid
extraction, are also applied to the recovery of substances from
a solid by contact with a liquid solvent, such as the recovery of
o1l from seeds by an organic solvent. Solid-liquid extraction
(leaching) is covered in Chapter 16.

According to Derry and Williams [1], liquid extraction
has been practiced since at least the time of the Romans,
who separated gold and silver from molten copper by ex-
traction using molten lead as a solvent. This was followed
by the discovery that sulfur could selectively dissolve silver
from an alloy with gold. However, it was not until the early
1930s that the first large-scale liquid-liquid extraction

8.0 INSTRUCTIONAL OBJECTIVES

After completing this chapter, you should be able to:

process began operation. In that industrial process, named
after its inventor L. Edeleanu, aromatic and sulfur com-
pounds were selectively removed from liquid kerosene by
liquid-liquid extraction with liquid sulfur dioxide at 10 to
20°F. Removal of aromatic compounds resulted in a cleaner-
burning kerosene. Liquid-liquid extraction has grown in
importance in recent years because of the growing demand
for temperature-sensitive products, higher-purity require-
ments, more efficient equipment, and availability of solvents
with higher selectivity.

The simplest liquid-liquid extraction involves only a
ternary system. The feed consists of two miscible compo-
nents, the carrier, C, and the solute, A. Solvent, §, 1s a pure
compound. Components C and § are at most only partially
soluble in each other. Solute A 1s soluble in C and completely
or partially soluble in S. During the extraction process, mass
transfer of A from the feed to the solvent occurs, with less
transfer of C to the solvent, or S to the feed. However, com-
plete or nearly complete transfer of A to the solvent 1s sel-
dom achieved in just one stage, as discussed 1in Chapter 4. In
practice, a number of stages are used in one- or two-section,
countercurrent cascades, as discussed in Chapter 3.

e Explain differences among liquid-liquid extraction, stripping, and distillation.

» List situations where liquid-liquid extraction might be preterred to distillation.

* Explain why so many different types of equipment are used for liquid-liquid extraction.

» List major types of equipment used for liquid—liquid extraction and compare their advantages and disadvantages.
e List major factors involved in the selection of extraction equipment.

e List factors that influence hiquid-liquid extraction.

 L.ist characteristics of an 1deal solvent.

e Define the distribution coefficient and show its relationship to activity coefficients and relative selectivity ot a

solute between carrier and solvent.

 Make a preliminary selection of a solvent using group-interaction rules.
e Distinguish, for ternary mixtures, between Type I and Type 1l systems.

o For a specified recovery of a solute, calculate with the Hunter and Nash method, using a triangular diagram,
minimum solvent requirement and number of equilibrium stages for ternary liquid-liquid extraction 1n a

countercurrent cascade.
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e Determine usefulness of extract reflux and carry out calculations with the Maloney and Schubert graphical
method for a two-section extraction cascade that uses extract retlux.
* Design a cascade of mixer-settler units based on mass-transfer considerations.

* Determine the size of multicompartment extraction columns, including consideration of the effect of axial
dispersion.

Industrial Example liquid-liquid extraction process is often considered. A typical
implementation is shown in Figure 8.1. In this process, it is
important to note that two additional distillation separation
steps are required to recover the solvent for recycle to the
extractor. These additional separation steps are common to
almost all extraction processes.

In the process of Figure 8.1, a feed of 30,260 Ib/h, of
22 wt% acetic acid in water, 1S sent to a single-section ex-
traction column, operating at near-ambient conditions, where
the feed i1s countercurrently contacted with 71,100 Ib/h of

Acetic acid 1s produced by methanol carbonylation or oxida-
tion of acetaldehyde, or as a by-product of cellulose-acetate
manufacture. In all three cases, a mixture of acetic acid (nor-
mal b.p. = 118.1°C) and water (normal b.p. = 100°C) must
be separated to give glacial acetic acid (99.8 wt% min).
When the mixture contains less than 50% acetic acid, sepa-
ration by distillation 1s expensive because of the need to
vaporize large amounts of the more volatile water, with its
very high heat of vaporization. Accordingly, an alternative

Makeup solvent Ethyl acetate-rich
Reflux Two liquid
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Extract ,
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|~ Recycle "
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iquid-liquid |_ | __
) Water 2.500
extraction T Ethyl
acetate 68,600
o 4 N\
. J
Ethyl acetate-rich
Raffinate | Distillation
Ethyl acetate 1,488
Water 19.440
Acetic acid 11
" _ Figure 8.1 Typical liquid-liquid
Note: All flow rates are in Ib/h Wastewater extraction process.



ethyl-acetate solvent (normal b.p. = 77.1°C), saturated
with water. The extract (solvent-rich product), being the
low-density liquid phase, exits from the top of the extractor
with 99.8% of the acetic acid originally contained in the
feed. The raffinate (carrier-rich product), being the high-
density liquid phase, exits from the bottom of the extractor
and contains only 0.05 wt% acetic acid. The extract is sent to
a distillation column, where glacial acetic acid is the bottoms
product. The overhead vapor, which is rich in ethyl acetate
but which also contains appreciable water vapor, splits into
two liquid phases upon condensation. The two phases are
separated by gravity in the decanter. The lighter ethyl-
acetate-rich phase 1s divided into two streams. One is used
for reflux for the distillation operation and the other is used
for solvent recycle to the extractor.

The water-rich phase from the decanter is sent, together
with the ratfinate from the extractor, to a second distillation
column, where wastewater is removed from the bottom and
the ethyl-acetate-rich overhead distillate is recycled to the
decanter. Makeup ethyl-acetate solvent is provided for sol-
vent losses to the glacial acetic acid and wastewater products.

At an average extraction temperature of 100°F, six equi-
librium stages are required to transfer 99.8% of the acetic
acid from the feed to the extract using a solvent-to-feed ratio
of 2.35 on a weight basis, where the recycled solvent is sat-
urated with water. For six theoretical stages, a mechanically
assisted extractor is preferred and a rotating-disk contactor
(RDC), 1n a column configuration, is shown in Figure 8.1.
The organic-rich phase is dispersed into droplets by rotating
disks, while the water-rich phase is a continuous phase
throughout the column. Dispersion and subsequent coales-
cence and settling takes place easily because at extractor
operating conditions, liquid-phase viscosities are less than
| cP, the phase-density difference is more than 0.08 g/cm?,
and the interfacial tension between the two phases is appre-
ciable, at more than 30 dyne/cm.

The column has an inside diameter of 5.5 ft and a total
height from the tangent of the top head to the tangent of the
bottom head of 28 ft. The column is divided into 40 com-
partments, each 7.5 1n. high and each containing a 40-in.-
diameter rotor disk located between a pair of stator (donut)
rings ot 460-1n. inside diameter. Above the top stator ring and
below the bottom stator ring are settling zones. Because the
light liquid phase is dispersed, the liquid-liquid interface is
- maintained near the top of the column. The rotors are
mounted on a centrally located single shaft driven at a nom-
inal 60 rpm by a 5-hp motor, equipped with a speed changer,
the optimal disk speed being determined during plant opera-
tion. The HETP for the extractor is 50 in., equivalent to 6.67
compartments per theoretical stage. The HETP would be
only 33 1n. if axial (longitudinal) mixing did not occur.
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Because of the corrosive nature of aqueous acetic acid
solutions, the extractor 1s constructed of stainless steel.
Since 1948, hundreds of extraction columns similar to that
of Figure 8.1, with diameters ranging up to at least 25 ft,
have been built. As discussed 1n Section 8.1, a number of
other extraction devices are suitable for the process in
Figure 8.1.

Liquid-hiquid extraction is a reasonably mature separa-
tion operation, although not as mature or as widely applied as
distillation, absorption, and stripping. Since the 1930s, more
than 1,000 laboratory, pilot-plant, and industrial extractors
have been 1installed. Procedures for determining the number
of theoretical stages to achieve a desired solute recovery are
well established. However, in the thermodynamics of liquid-
liquid extraction, no simple limiting theory, such as that of
1deal solutions for vapor-liquid equilibrium, exists. In many
cases, experimental equilibrium data are preferred over
predictions based on activity-coefficient correlations.
However, such data can often be correlated well by semi-
theoretical activity-coefficient equations such as the NRTL
or UNIQUAC equations discussed in Chapter 2. Also, con-
siderable laboratory effort may be required just to find an
acceptable and efficient solvent. Furthermore, as will be
discussed in the next section, a wide variety of industrial
extraction equipment is available, making it necessary to
consider many alternatives before making a final selection.
Unfortunately, no generalized capacity and efficiency corre-
lations are available for all equipment types. Often, equip-
ment vendors must be relied upon to determine equipment
size, or pilot-plant tests must be performed, followed by
application of scale-up procedures recommended by the
vendor or taken from sources such as this textbook.

Since the mntroduction of industrial liquid-liquid extrac-
tion processes, a large number of applications have been
proposed and developed. The petroleum industry represents
the largest-volume application for liquid-liquid extraction.
By the late 1960s, more than 100,000 m°/day of liquid feed-
stocks were being processed with physically selective sol-
vents [2]. Extraction processes are well suited to the petro-
leum industry because of the need to separate heat-sensitive
liquid feeds according to chemical type (e.g., aliphatic, aro-
matic, naphthenic) rather than by molecular weight or vapor
pressure. Table 8.1 shows some représentative, industrial
extraction processes. Other major applications exist in the
biochemical industry, where emphasis is on the separation of
antibiotics and protein recovery from natural substrates; in
the recovery of metals, such as copper from ammoniacal
leach liquors, and in separations involving rare metals and
radioactive 1sotopes from spent-fuel elements; and in the
inorganic chemical industry, where high-boiling constituents
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Table 8.1 Representative Industrial Liquid-Liquid Extraction
Processes
Solute Carrier Solvent
Acetic acid Water Ethyl acetate
Acetic acid Water Isopropyl acetate .
Aconitic acid Molasses Methyl ethyl ketone
Ammonia Butenes Water
Aromatics Paratfins Diethylene glycol
Aromatics Paraffins Furtural
Aromatics Kerosene Sulfur dioxide
Aromatics Paratfins Sulfur dioxide
Asphaltenes Hydrocarbon o1l Furfural
Benzoic acid Water Benzene
Butadiene 1-Butene ag. Cuprammonium
acetate
Ethylene Methyl ethyl ketone ~ Brine liquor
cyanohydrin
Fatty acids Ol Propane
Formaldehyde Water Isopropyl ether
Formic acid Water Tetrahydroturan
Glycerol Water High alcohols
Hydrogen peroxide  Anthrahydroquinone  Water
Methyl ethyl ketone  Water Trichloroethane
Methyl borate Methanol Hydrocarbons
Naphthenes Distillate oil Nitrobenzene
Naphthenes/ Distillate o1l Phenol
aromatics
Phenol Water Benzene
Phenol Water Chlorobenzene
Penicillin Broth Butyl acetate
Sodium chloride aqg. Sodium Ammonia
hydroxide
Vanilla Oxidized liquors Toluene
Vitamin A Fish-liver oil Propane
Vitamin E Vegetable o1l Propane
Water Methyl ethyl ketone  ag. Calcium chlonide

such as phosphoric acid, boric acid, and sodium hydroxide
need to be recovered from aqueous solutions.

In general, extraction is preferred to distillation for the
following applications:

1. In the case of dissolved or complexed inorganic
substances in organic or aqueous solutions.

8.1 EQUIPMENT

Given the wide diversity of applications, one might expect
a correspondingly large variety of liquid-liquid extraction
devices. Indeed, such is the case. Equipment similar to that
used for absorption, stripping, and distillation is sometimes
used, but such devices are inefficient unless liquid viscosities
are low and the difference in phase density is high. For that
reason, centrifugal and mechanically agitated devices are
often preferred. Regardless of the type of equipment, the

2. The removal of a component present in small concen-
trations, such as a color former in tallow or hormones

in animal oil.

3. When a high-boiling component is present in rela-
tively small quantities 1n an aqueous waste stream, as
in the recovery of acetic acid from cellulose acetate.
Extraction becomes competitive with distiliation
because of the expense of evaporating large quantities
of water with its very high heat of vaporization.

4. The recovery of heat-sensitive materials, where extrac-
tion may be less expensive than vacuum distillation.

5. The separation of a mixture according to chemical
type rather than relative volatility.

6. The separation of close-melting or close-boiling liq-
uids, where solubility differences can be exploited.

7. Mixtures that form azeotropes.

The key to an effective extraction process is the discovery
of a suitable solvent. In addition to being stable, nontoxic,
inexpensive, and easily recoverable, a good solvent should
be relatively immiscible with feed components(s) other than
the solute and have a different density from the feed to tacil-
itate phase separation. Also, it must have a very high affinity
for the solute, from which it should be easily separated by
distillation, crystallization, or other means. Ideally, the dis-
tribution coefficient for the solute between the two liquid
phases should be greater than 1; otherwise a large solvent-to-
feed ratio is required. When the degree of solute extraction 1s
not particularly high and/or when a large extraction factor
can be achieved, an extractor will not require many stages.
This is fortunate because mass-transfer resistance in liquid-
liquid systems is often high and stage efficiency is low in
commercial contacting devices, unless mechanical agitation
1s provided.

| In this chapter, equipment for conducting liquid-liquid ext-
raction operations is discussed and fundamental equilibrium-
based and rate-based calculation procedures are presented
mainly for extraction in ternary systems. The use ot graphi-
cal methods is emphasized. Except for systems dilute in
solute(s), calculations for higher-order multicomponent sys-
tems are best conducted with computer-aided methods dis-
cussed in Chapter 10.

necessary number of theoretical stages 1s computed. Then the
size of the device for a continuous, countercurrent process
is obtained from experimental HETP or mass-transter-
performance-data characteristic of the particular piece of equ-
ipment. In extraction, some authors use the acronym HETS,
height equivalent to a theoretical stage, rather than HETP.
Also, the dispersed phase is sometimes referred to as the dis-
continuous phase, the other phase being the continuous phase.
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Figure 8.2 Compartmented mixing vessel with variable-speed
turbine agitators.

| Adapted from R.E. Treybal, Mass Transfer, 3rd ed., McGraw-Hill,
New York (1980).]

Mixer-Settlers

In mixer-settlers, the two liquid phases are first mixed
(Figure 8.2) and then separated by setthing (Figure 8.4). Any
number of mixer-settler units may be connected together to
form a multistage, countercurrent cascade. During mixing,
one of the liquids 1s dispersed 1n the form of small droplets
into the other liquid phase. The dispersed phase may be ei-
ther the heavier or the lighter of the two phases. The mixing

L,%/j L._jj | \;\

Figure 8.3 Some common types of mixing impellers: (a) marine-
type propeller; (b) centrifugal turbine; (¢) pitched-blade turbine;
(d) flat-blade paddle; (e) flat-blade turbine.

[From R.E. Treybal, Mass Transfer, 3rd ed., McGraw-Hill, New York
(1980) with permission.]

8.1 Equipment 299

Tap for Light
Slotted scum liquid
impingement \ out
baffle __( \ N p R —
Emulsion ey ) i
_[-n-a..— Heavy
liquid
out

Figure 8.4 Horizontal gravity-settling vessel.

[Adapted from R.E. Treybal, Liquid Extraction, 2nd ed., McGraw-Hill,
New York (1963) with permission.]

step 1s commonly conducted 1n an agitated vessel, with suf-
ficient agitation and residence time so that a reasonable
approach to equilibrium (e.g., 80% to 90% of a theoretical
stage) 1s attained. The vessel may be compartmented as
shown in Figure 8.2, and 1s usually agitated by means of 1m-
pellers of the type shown in Figure 8.3. If dispersion is eas-
ily achieved and equilibrium 1s rapidly approached, as with
liquids of low 1nterfacial tension and viscosity, the mixing
step can be carried out by impingement in a jet mixer; by
turbulence 1n a nozzle mixer, orifice mixer, or other in-line
mixing device; by shearing action if both phases are fed
simultaneously 1nto a centrifugal pump; or by injectors,
wherein the flow of one liguid 1s induced by another.

The settling step 1s by gravity in a second vessel called a
settler or decanter. In the configuration shown in Figure 8.4,
a horizontal vessel, with an impingement baffle to prevent
the jet of the entering two-phase dispersion (emulsion) from
disturbing the gravity-settling process, 1s used. Vertical and
inclined vessels are also used. A major problem in settlers is
the emulsification 1n the mixing vessel, which may occur if
the agitation 1s so intense that the dispersed droplet size falls
below 1 to 1.5 micrometers. When this happens, coalescers,
separator membranes, meshes, electrostatic forces, ultra-
sound, chemical treatment, or other ploys are required to
speed settling. The rate of settling can also be increased by
substituting centrifugal for gravitational force. This may be
necessary if the phase-density difference 1s small.

A large number of commercial single- and multi-stage
mixer-settler units are available, many of which are described
by Bailes, Hanson, and Hughes [3] and by Lo, Baird, and
Hanson [4]. Particularly worthy of mention 1s the Lurgi
extraction tower [4], which was originally developed tor
extracting aromatics from hydrocarbon mixtures. In this
device, the phases are mixed by centrifugal mixers stacked
vertically outside the column and driven from a single shaft.
Settling takes place in the column, with phases flowing inter-
stagewise, guided by a complex battle design located within
the settling zones.

Spray Columns

The simplest and one of the oldest extraction devices 1s the
spray column. Either the heavy phase or the light phase can
be dispersed, as shown in Figure 8.5. The droplets of the
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Figure 8.5 Spray columns: (a) light liquid dispersed, heavy liquid
continuous; (b) heavy liquid dispersed, light liquid continuous.

dispersed phase are generated only at the inlet, usually
by spray nozzles. Because of lack of column internals,
throughputs are large, depending upon phase-density differ-
ence and phase viscosities. As in gas absorption, axial dis-
persion (backmixing) in the continuous phase limits these
devices to applications where only one or two stages are
required. Axial dispersion is so serious for columns with
large diameter-to-length ratio that the continuous phase may
be completely mixed. Therefore, spray columns are rarely
used, despite their very low cost.

Packed Columns

Axial mixing in a spray column can be substantially re-
duced, but not eliminated, by packing the column. The pack-
ing also improves mass transfer by breaking up large drops
to increase interfacial area and promotes mixing in drops by
distorting droplet shape. With the exception of Raschig rings
[5], the same packings used in distillation and absorption are

Uc,m/h
16.2 30.5 456 60.8 76.0 91.2

8 ‘ _ |
l \ U, = dispersed phase velocity
6
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|"I'- % o UD‘. 6 / E
2 U, =24.6 ft/h 0.61

0 50 100 150 200 250 300
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Figure 8.6 Efficiency of 1-in. Intalox saddles in a column 60 1n.
high with MEK-water—kerosene.

[From R.R. Neumatis, J.S. Eckert, E.H. Foote, and L.R. Rollinson, Chem.
Eng. Progr., 67(1), 60 (1971) with permission.}

employed for liquid-liquid extraction. The choice of pack-
ing material, however, 1s somewhat more critical. A material
preferentially wetted by the continuous phase 1s preferred.
Figure 8.6 shows performance data, in terms of HTU, for
Intalox saddles in an extraction service as a function ot con-
tinuous, Ue, and discontinuous, Up, phase superficial velo-
cities. Because of backmixing, the HETP 1s generally larger
than for staged devices. For that reason, packed columns are
used only where few stages are needed.

Plate Columns

Sieve plates in a column also reduce axial mixing and
achieve a more stagewise type of contact. The dispersed
phase may be the light or the heavy phase. In the former
case, the dispersed phase, analogous to vapor bubbles 1n dis-
tillation, flows vertically up the column, with redispersion at
each tray. The heavy phase is the continuous phase, flowing
at each stage through a downcomer and then across the tray
the way a liquid does in a trayed distillation tower. If the
heavy phase 1s dispersed, upcomers are used for the light
phase. Columns have been built and successtfully operated
for diameters larger than 4.5 m. Holes from 0.64 to 0.32 cm
in diameter and 1.25 to 1.91 c¢cm apart are commonly used.
Tray spacings are much closer than in distillation—10 to
15 cm in most applications involving low-interfacial-tension
liquids. Plates are usually built without outlet weirs on the
downspouts. A variation of the simple sieve column 1s the
Koch Kascade Tower, where perforated plates are set in ver-
tical arrays of complex designs.

If operated in the proper hydrodynamic flow regime,
extraction rates in sieve-plate columns are high because the
dispersed-phase droplets coalesce and re-form on each stage.
This helps destroy concentration gradients, which develop 1f
a droplet passes through the entire column without distur-
bance. Sieve-plate columns 1n extraction service are subject
to the same limitations as distillation columns: flooding,
entrainment, and, to a lesser extent, weeping. Additional
problems, such as scum formation at interfaces due to small
amounts of impurities, are frequently encountered in all
types of extraction devices.

Columns with Mechanically
Assisted Agitation

If the surface tension is high, and/or the density difference
between the two liquid phases 1s low, and/or liquid viscosi-
ties are high, gravitational forces are inadequate for proper
phase dispersal and the creation of turbulence. In that case,
some type of mechanical agitation iS necessary to increase
interfacial area per unit volume and/or decrease mass-
transter resistance. For packed and plate columns, agitation
1s provided by an oscillating pulse to the liquid, either by
mechanical or pneumatic means. Pulsed, perforated-plate
columns found considerable application in the nuclear
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industry in the 1950s, but their popularity declined because
of mechanical problems and the difficulty of propagating a
pulse through a large volume [6]. The most important
mechanically agitated columns are those that employ rotat-
ing agitators, driven by a shaft that extends axially through
the column. The agitators create shear mixing zones, which
alternate with settling zones in the column. Differences
among the various agitated columns lie primarily 1n the mix-
ers and settling chambers used. Nine of the more popular
arrangements are shown in Figure 8.7. Agitation can also be
induced 1n a column by moving the plates back and forth 1n
a reciprocating motion (Figure 8.77) or in a novel horizontal
contactor (Figure 8.7k). Such devices are also included in
Figure 8.7. These devices answer the plea of Fenske,
Carlson, and Quiggle [7] in 1947 for equipment that can
efficiently provide large numbers of equilibrium stages in a
compact device without large numbers of pumps and

(d) Oldshue—Rushton (Mixco)

(d) column; (continued)

motors, and extensive piping. They stated, “Despite . ..
advantages of liquid-liquid separational processes, the prob-
lems of accumulating twenty or more theoretical stages 1n a
small compact and relatively simple countercurrent opera-
tion have not yet been fully solved.” Indeed, in 1946 1t was
considered impractical to design for more than seven theo-
retical stages, which represented the number of mixer-settler
units in the only large-scale, commercial, liquid-extraction
process 1n use at that time.

Perhaps the first mechanically agitated column of impor-
tance was the Scheibel column [8] (Figure 8.7a), in which
countercurrent liquid phases are contacted at fixed intervals
by unbaffled, flat-bladed, turbine-type agitators (Figure 3.3)
mounted on a vertical shaft. In the unbaffled separation or
calming zones, located between the mixing zones, knitted
wire-mesh packing is installed to prevent backmixing
between mixing zones and to induce coalescence and
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settling of drops. The mesh material must be wetted by the inspection, cleaning, and repair, Scheibel [10] offered a third
dispersed phase. For more economical designs for larger- design, shown 1 Figure 8.7c. Here the agitator assembly
diameter installations (>1 m), Scheibel [9] (Figure 8.7b) shaft can be removed because it has a smaller diameter than
added outer and inner horizontal annular baffles to divert the  the opening in the inner baffle.

vertical flow of the phases in the mixing zone and to ensure The Oldshue-Rushton extractor [11] (Figure 8.7d) con-
complete mixing. For systems with high interfacial surface sists of a column with a series of compartments separated
tension and viscosities, the wire mesh is removed. The first by annular outer stator-ring baffles, each with four vertical
two Scheibel designs did not permit removal of the agitator ~ baffles attached to the wall. The centrally mounted verti-
shaft for inspection and maintenance. Instead, the entire  cal shaft drives a flat-bladed turbine impeller in each
internal assembly (called the cartridge) had to be removed. compartment. .

To permit removal of just the agitator assembly shaft, A third type of column with rotating agitators that ap-
especially for large-diameter columns (e.g., >1.5 m), and peared about the same time as the Scheibel and Oldshue—
allow an access way through the column for any necessary ~ Rushton columns is the rotating-disk contactor (RDC)
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[12, 13] (Figure 8.7e), an example of which 1s described
at the beginning of this chapter and shown 1n Figure &.1.
On a worldwide basis, it 1s probably the most exten-
sively used liquid-liquid extraction device, with hundreds
of units in use by 1983 [4]. Horizontal disks, mounted on a
centrally located rotating shaft, are the agitation elements.
Mounted at the column wall are annular stator rings with an
opening larger than the agitator-disk diameter. Thus, the
agitator assembly shaft is easily removed from the column.
Because the rotational speed of the rotor controls the drop
size, the rotor speed can be continuously varied over a wide
range.

A modification of the RDC concept is the asymmetric
rotating-disk contactor (ARD) [14], which has been 1n indus-
trial use since 1965. As shown in Figure 8.71, the contactor
consists of a column, a baffled stator, and an offset multi-
stage agitator fitted with disks. The asymmetric arrange-
ment, shown in more detail in Figure 8.7g, provides contact
and transport zones that are separated by a vertical battle, to
which is attached a series of horizontal baffles. Compared to
the RDC, this design retains the efficient shearing action, but
reduces backmixing because of the separate mixing and
settling compartments. |

Another extractor based on the Scheibel concept is the
Kuhni extraction column [15]. As shown in Figure 8.7h, the
column is compartmented by a series of stator disks made
of perforated plates. On a centrally positioned shaft is
mounted a series of double-entry, radial-flow, shrouded-
turbine mixers, which promote, in each compartment, the
circulation action shown in Figure 8.7i. For columns of
diameter greater than 3 m, three turbine-mixer shafts on
parallel axes are normally provided to preserve scale-up.
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Figure 8.7 (Continued)

(j) Karr reciprocating-plate
column (RPC); (k) Graesser
raining-bucket (RTL)
extractor.

Three hundred of these extractors were in use, mainly 1n
Europe, by 1983 [4]. '

Rather than provide agitation by rotating impellers on
a vertical shaft, or by pulsing the liquid phases, Karr [16, 17]
devised a reciprocating, perforated-plate extractor, also
called the Karr column, in which the plates move up and
down approximately two times per second with a stroke
length of 0.75 inch. As shown 1n Figure 8.7j, annular batfle
plates are provided periodically in the plate stack to minimize
axial mixing. The perforated plates use large holes (typically
0/16-in. diameter) and a high hole area (typically 58%). The
central shaft, which supports both sets of plates, 18 recipro-
cated by a drive mechanism located at the top of the column.
A modification of the Karr column is the vibrating-plate
extractor (VPE) of Prochazka et al. [18], which uses per-
forated plates of smaller hole size and smaller percent hole
area than the Karr column. The small holes provide passage
for the dispersed phase, while one or more large holes on
each plate provide passage for the continuous phase. Some
VPE columns operate like the Karr column with uniform
motion of all plates; others are provided with two shafts to
obtain countermotion of alternate plates.

Another novel device for providing agitation 1S the
Graesser raining-bucket contactor (RTL), which was devel-
oped in the late 1950s [4], primarily for extraction processes
involving liquids of small density difference, low interfacial
tension, and a tendency to form emulsions As shown 1n Fig-
ure 8.7k, a series of disks is mounted inside a shell on a cen-
tral, horizontal, rotating shaft, with a series of horizontal,
C-shaped buckets fitted between and around the periphery of
the disks. An annular gap between the disks and the inside
perphery of the shell allows countercurrent, longitudinal
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flow of the phases. Dispersing action is very gentle, with
each phase cascading through the other in opposite direc-
tions toward the two-phase interface, which is maintained
close to the equatorial position.

A number of industrial centrifugal extractors have been
available since 1944, when the Podbielniak (POD) extractor,
with 1ts short residence time, was successfully applied to
penicillin extraction [19]. In the POD, several concentric
sieve trays are arranged around a horizontal axis through
which the two liquid phases flow countercurrently. Liquid
inlet pressures of 4 to 7 atm are required to overcome pres-
sure drop and centrifugal force. As many as five theoretical
stages can be achieved in one unit.

Many of the commercial extractors described above have
seen numerous industrial applications. Maximum loadings
and sizes for column-type equipment, as given by Reissinger
and Schroeter |5, 20]) and Lo et al. [4], are listed in Table 8.2.
As seen, the Lurgi tower, RDC, and Graesser extractors have
been built in very large sizes. Throughputs per unit cross-
sectional area are highest for the Karr extractor and lowest
for the Graesser extractor.

The selection of an appropriate extractor is based on a
large number of factors. Table 8.3 lists the advantages and
disadvantages of the various types of extractors. Figure 8.8
shows a selection scheme for commercial extractors. For
example, 1f only a small number of stages is required, a

Table 8.2 Maximum Size and Loading for Commercial
Liguid-Liquid Extraction Columns

Approximate Maximum Maximum
Liguid Throughout, Column
Column Type m°/m*-h Diameter, m
Lurgi tower 30 8.0
Pulsed packed 40 3.0
Pulsed sieve tray 60 3.0
Scheibel 40 3.0
RDC 40 3.0
ARD 25 5.0
Kuhni 50 3.0
Karr 100 . 1.5
Graesser <10 7.0

Above data apply to systems of;
[. High interfacial surface tension (30 to 40 dyne/cm).
2. Viscosity of approximately 1 cP.
3. Volumetric phase ratio of 1:1.

4. Phase-density difference of approximately 0.6 g/cm®.

mixer-settler unit might be selected. If more than five theo-
retical stages, a high throughput, and a large load range
(m>/m?-h) are needed, and floor space is limited, an RDC or
ARD contactor should be considered.

Table 8.3 Advantages and Disadvantages of Different Extraction Equipment

Class of Equipment

Advantages

Disadvantages

Mixer-settlers (Good contacting

Handles wide flow ratio

[Low headroom
High etficiency

Many stages available
Reliable scale-up

Continuous, counterflow Low 1nitial cost
contactors (no

mechanical drive)

Good dispersion
Reasonable cost

Continuous, counterflow
contactors (mechanical
agitation)

Low operating cost
Simplest construction

Many stages possible
Relatively easy scale-up

Large holdup

High power costs

High investment

Large floor space

Interstage pumping may be
required

Limited throughput with
small density difference

Cannot handle high flow
ratio

High headroom
Sometimes low efficiency
Ditficult scale-up

“Limited throughput with
small density difference
- Cannot handle emulsifying systems
Cannot handle high flow ratio

Centrifugal extractors

Handles low-density
difference between phases

Low holdup volume

Short holdup time

Low space requirements

Small inventory of solvent

High 1nitial costs

High operating cost

High maintenance cost

Limited number of stages
in single unit
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stfages Yes E |
required (<b) |
. Yes Mixer-settler battery,
Low height centrifugal extractors
No \L No
Small floor Yes 5 All column types,
area centrifugal extractors
Large number
of theoretical | Y©S
stages
required (>5H)
| . Yes Mixer-settler battery
Low height Graesser
; NoO
Small floor Yes
area ' l
High Yes | Smallload | VYes P”'Sa“?g SIeVE
throughput |—-s range L5, tray column,
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tower extiractor
\L No
No Large load Yes
range > RDC, ARD
Low Yes S Yes Pulsating
mall load
throughput [—> range > packed column, _
L (<50m3/h) ange Karr column Figure 8.8 Scheme for
1 NG selecting extractors.
| : [From K.-H. Reissinger and
Large load | Y©3 Scheibel, J. Schroeter, I. Chem. E. Sy
range Oldshue- | , L. m. L. oymp.
| Rushton Ser. No. 54, 3348 (1978).]

8.2 GENERAL DESIGN CONSIDERATIONS

The design and analysis of a liquid-liquid extractor involves
more factors than for vapor-liquid operations because
of complications introduced by the two liquid phases. One of
the three different cascade arrangements in Figure 8.9, or.a

more complex arrangement, must be selected. The single-

section cascade of Figure 8.9a 1s similar to that used for
absorption and stripping. It 1s designed to transfer to the
solvent a certain percentage of the solute in the feed. The
two-section cascade of Figure 8.9b is similar to distillation.
Solvent enters at one end and reflux, derived from the extract,
enters at the other end. The feed enters between the two sec-
tions. With two sections, depending on solubility considera-
tions, it 1s sometimes possible to achieve a reasonably sharp
separation between components of the feed; if not, a dual-
solvent arrangement with two sections, as in Figure 8.9c,
with or without reflux at the two ends, may be advantageous.

For the latter configuration, which involves a minimum of
four components (two 1n the feed and two solvents),
computer-aided calculations are preferred, as discussed in
Chapter 10. Although the configurations in Figure 8.9 are
shown with packed sections, any of the extractors discussed
in Section 8.1 may be considered. The factors influencing
extraction include:

1. Entering feed flow rate, composition, temperature,
and pressure

2. Type ot stage configuration (one-section or two-
section)

3. Desired degree of recovery of one or more solutes for
one-section cascades

4. Degree of separation of the feed for two-section
cascades

S. Choice of liquid solvent(s)
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Solvent-free
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6. Operating temperature

7. Operating pressure (greater than the bubble point of
the system)

8. Minimum-solvent low rate and actual solvent flow
rate as a multiple of the minimum rate for one-
section cascades or reflux rate and minimum reflux
ratio for two-section cascades

9. Number of equilibrium stages
10. Emulsification and scum-formation tendency
11. Intérfacial tension
12. Phase-density difference
13. Type of extractor

14. Extractor size and horsepower requirement
The 1deal solvent has:

1. Ahigh selectivity for the solute relative to the carrier,
SO as to minimize the need to recover carrier from the
solvent

2. A high capacity for dissolving the solute, so as to
minimize the solvent-to-feed ratio

3. A minimal solubility in the carrier

4. A volatility sufficiently different from the solute that
recovery of the solvent can be achieved by distilla-
tion, but the vapor pressure should not be so high that
a high extractor pressure is needed or so low that a

high temperature is needed if the solvent is recovered
by distillation

5. Stability to maximize the solvent life and minimize
the solvent make-up requirement '

6. Inertness to permit use of common materials of
construction

Figure 8.9 Common liquid-hlquid extraction
cascade configurations: (a) single-section
cascade; (b) two-section cascade; (¢) dual

(c) solvent with two-section cascade.

Solvent-free
Product B

7. A low viscosity to promote phase separation, mini-
mize pressure drop, and provide a high solute mass-
transter rate

8. Nontoxic and nonflammable characteristics to facili-
tate 1ts safe use

9. Availability at a relatively low cost

10. A moderate interfacial tension to balance the ease of
dispersion and the promotion of phase separation

11. A large difference in density relative to the carrier to
achieve a high capacity in the extractor

12. Compatibility with the solute and carrier to avoid
contamination

13. Alack of tendency to form a stable rag or scum layer
- at the phase interface

14. Desirable wetting characteristics with respect to
extractor internals

Solvent selection 1s frequently a compromise among all
the properties listed above. However, 1nitial consideration 1s
usually given first to selectivity and environmental concerns,

and second to capacity. From (2-20) in Chapter 2, the distri-
bution coefficient for solute A between solvent S and carrier
C 1s given by:

(Ka)p = (x)"/(x)' = (ya) /(y)" (8-1)

where 1I 1s the extract phase, rich 1n S, and I 1s the raffinate
phase, rich in C. Similarly, for the carrier and the solvent,
respectively,

- (Kc)p = (xc)/(xc)' = (vo)' /(¥e)" (8-2)
(K$)p = (x)"/(xs) = (y5)'/(ys)" (8-3)

From (2-22), the relative selectivity of the solute with
respect to the carrier is obtained by taking the ratio of (8-1)
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Table 8.4 Group Interactions for Solvent Selection
Solvent
Group Solute 1 2 3 4 S 6 7 8 9
| Acid, aromatic OH (phenol) 0 — — — - 0 + + +
2 Paraffinic OH (alcohol), water, imide or — 0 -+ + +- + -+ + +
amide with active H
3 Ketone, aromatic nitrate, tertiary amine, — + 0 -+ +- — 0 + -+
pyridine, sulfone, trialkyl phosphate, or
phosphine oxide
4 Ester, aldehyde, carbonate, phosphate, — + + 0 + — + + +
nitrite or nitrate, amide without active H;:
intramolecular bonding, e.g.,
o-nitrophenol
5 Ether, oxide, sulfide, sulfoxide, primary — + -+ + 0 - 0 -+ +
and secondary amine or imine
6 Multihaloparaffin with active H O + — — — 0 0 + 0
7 Aromatic, halogenated aromatic, olefin + +- 0 + O O 0 § 0
8 Paraffin + -+ + + + ~+ 0 0 0
9 Monohaloparatfin or olefin + + + + + 0 0 + 0

(+) Plus s1ign means that compounds 1n the column group tend to raise activity coefficients of compounds in the row group.

(—) Minus sign means a lowering of activity coefficients.

(0) Zero means no effect.

Choose a solvent that lowers the activity coefficient.

Source: Cusack, R.W., P. Fremeaux, and D. Glate, Chem Eng., 98(2), 6676 (1991).

to (8-2), giving

(x_A")H/(xA)I _ (Yf_a)l/(’YA)H
(X)) (xe)r (vo)l/ (ye)?
(8-4)

For high selectivity, the value of B4 should be high, that is,
at equilibrium there should be a high concentration of A and
a low concentration of C 1n the solvent. A first estimate of
Bac 1s made from available values or predictions of the ac-
tivity coefficients (v4)', (v4)Y, and (yo)Y, at infinite dilution
where (yc)' = 1, or by using liquid-liquid equilibrium data
for the lowest tie line on a triangular diagram of the type dis-
cussed 1in Chapter 4. If A and C form a nearly 1deal solution,
the value of (y4)' in (8-4) can also be taken as 1.

For high solvent capacity, the value of (K4)p should be
high. From (8-2) 1t is seen that this is difficult to achieve if A
and C form nearly ideal solutions, such that (y4)' = 1.0, un-
less A and S have a great affinity for each other, which would
result in a negative deviation from Raoult’s law to give
(va)! < 1. Unfortunately, such systems are rare.

For ease in solvent recovery, (Ks)p should be as large as
possible and (K¢)p as small as possible to minimize the pres-
ence of solvent in the raffinate and carrier in the extract. This
will generally be the case if activity coefficients (ys)' and
(vo)' at infinite dilution are large.

It a water-rich feed 1s to be separated, it 1s common to
select an organic solvent; for an organic-rich feed, an aque-
ous solvent 1s often selected. In either case, it is desirable

Bac =(Ka)p/(Kc)p =

to select a solvent that lowers the activity coefficient of the
solute. Consideration of molecule group interactions can
help narrow the search for such a solvent before activity
coefficients are estimated or hquid-liquid equilibrium data
are sought. A table of interactions for solvent-screening pur-
poses, as given by Cusack et al. [21], based on a modifica-
tion of the work of Robbins [22], 1s shown as Table 8.4,
where the solute and solvent each belong to any of nine dif-
ferent chemical groups. In this table, a minus (-) sign for a
given solute—solvent pair means that the solvent will desir-
ably lower the value of the activity coefficient of the solute
relative to its value 1n the feed solution. For example, sup-
pose 1t 1s desired to extract acetone from water. Acetone, the
solute, 1s a ketone. Thus, 1n Table 8.4, group 3 applies for the
solute, and desirable solvents are of the type given in groups
1 and 6. In particular, trichloroethane, a group 6 compound,
1s known to be a highly selective solvent with high capacity
for acetone over a wide range of feed compositions. How-
ever, 1f the compound 1s environmentally objectionable, it
must be rejected. A more sophisticated solvent-selection
method, based on the UNIFAC group-contribution method
for estimating activity coetficients and utilizing a computer-
aided constrained optimization approach, has been devel-
oped by Naser and Fournier [23].

In Chapter 4, ternary diagrams were introduced for repre-
senting liquid—liquid equilibrium data for three-component
systems at constant temperature. Such diagrams are avail-
able for a large number of systems, as discussed by
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Figure 8.11 Effect of solubility on range of feed composition that
can be extracted.
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Humphrey et al. [6]. For liquid-liquid extraction with ternary
systems, the most common diagram is Type I, shown in Fig-
ure 8.10a; much less common is Type II, shown in Fig-
ure 3.10b. Examples of Type 1l systems are (1) n-heptane/
aniline/methyl cyclohexane, (2) styrene/ethylbenzene/di-
ethylene glycol, and (3) chlorobenzene/water/methylethyl
ketone. For Type I, the solute and solvent are miscible in all
proportions, while 1n Type II they are not. For Type I sys-
tems, the greater the two-phase region on line CS, the greater
will be the immiscibility of carrier and solvent. The closer
the top of the two-phase region is to apex A, the greater will
be the range of feed composition, along line AC, that can be
separated with solvent . In Figure 8.11, it is possible to sep-
arate feed solutions only 1n the composition range from C to
F because, regardless of the amount of solvent added, two
liquid phases are not formed in the feed composition range
of FA (1e., FS does not pass through the two-phase region).

T = 25°C

(a) type I, one immiscible pair;
(b) type II, two immiscible
pairs.

\)

The system 1n Figure 8.11a has a wider range of feed com-
position than the system in Figure 8.11b. For Type II sys-
tems, a high degree of insolubility of S 1n C and C in S will
produce a desirable high relative selectivity, but at the ex-
pense of solvent capacity. Thus, solvents that result in Type I
systems are more desirable.

Whether a ternary system 1s of Type I or Type II often de-
pends on the temperature. For example, data of Darwent and
Winkler [24] tor the ternary system n-hexane (H)/methylcy-
clopentane (M)/aniline (A) for temperatures of 25, 34.5, and
45°C are shown 1n Figure 8.12. At the lowest temperature,
25°C, we have a Type 1l system because both H and M are
only partially miscible 1n the aniline solvent. As the temper-
ature increases, the solubility of M in aniline increases more
rapidly than the solubility of H 1n aniline until at 34.5°C, the
critical solution temperature for M in aniline is reached. At
this temperature, the system 1s at the border of Type II and
Type 1. At 45°C, the system 1s clearly of type I, with aniline
more selective tor M than H. Type I systems have a plait
point (P in Figure 8.10a); type II systems do not.

Except in the near-critical region, pressure has little if any
etfect on liquid-phase activity coefficients and, therefore, on
liquid-liquid equilibrium. It 1s only necessary to select an
operating pressure of at least ambient, and greater than the
bubble-point pressure of the two-liquid-phase mixture at any
location 1n the extractor. Most extractors operate at near-
ambient temperature. If feed and solvent enter the extractor
at the same temperature, the operation will be nearly 1sother-
mal because the only thermal effect is the heat of mixing,
which 1s usually small.

\Y

Figure 8.12 Effect of temperature
on solubility for the system

n-hexane (H)/methylcyclopentané
(M)/aniline (A).



Laboratory or pilot-plant work, using actual or expected
plant feed and solvent, 1s almost always necessary to ascer-
tain dispersion and coalescence properties of the liquid-
liquid system. Although rapid coalescence of drops 1s
desirable, this reduces interfacial area, leading to reduced
mass-transter rates. Thus, compromises are necessary. Coa-
lescence 18 enhanced when the solvent phase 1s continuous
and mass transfer of solute i1s from the droplets. This phe-
nomenon, called the Marangoni effect, 1s due to a lowering
of interfacial tension by a significant presence of the solute
in the interfacial film. When the solvent 1s the dispersed
phase, the itertacial film 1s depleted of solute, causing an
increase 1n interfacial tension and inhibition of coalescence.

For a given (1) feed liquid, (2) degree of solute extrac-
tion, (3) operating pressure and temperature, and (4) choice
of solvent for a single-section cascade, a minimum solvent-
to-feed flow-rate ratio exists that corresponds to an infinite
number of countercurrent, equilibrium contacts. As with
absorption and stripping, a trade-ott then exists between the
number of equilibrium stages and the solvent-to-feed tlow-
rate ratio. For a two-section cascade, as for distillation, the
trade-off involves the reflux ratio and the number of stages.
Algebraic methods, similar to those for absorption and strip-
ping described in Chapter 6, for computing the minimum
ratios and the trade-off are rapid, but are usetul only for very
dilute solutions, where values of the solute activity coeffi-
cients are essentially those at infinite dilution. When the
carrier and the solvent are mutually insoluble, the algebraic
method of Sections 5.3 and 5.4 can be used. For more gen-
eral applications, use of the graphical methods described 1n
this chapter 1s preferred for ternary systems. Computer-
aided methods discussed in Chapter 10 are necessary for
higher-order multicomponent systems.

8.3 HUNTER-NASH GRAPHICAL
EQUILIBRIUM-STAGE METHOD

Stagewise extraction calculations for ternary systems of
Type I and Type II (Figure 8.10) are most conveniently
carried out with equilibrium diagrams [25]. In this section,
procedures are developed and illustrated, using mainly trian-
gular diagrams. The use of other diagrams 1s covered in the
next section.

Consider a countercurrent-flow, N-equilibrium-stage
contactor for liquid-liquid extraction of a ternary system
operating under isothermal, continuous, steady-state flow
conditions at a pressure sufficient to prevent vaporization, as

Extract
E; E,
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shown in Figure 8.13. Stages are numbered from the feed
end. Thus, the final extract is £ and the final raffinate is Ry,
Equilibrium is assumed to be achieved at each stage, so that
for any stage, n, the extract, E,, and the rathnate, K,, are in
equilibrium with all three components. Mass transfer of all
components occurs at each stage. The feed, F, contains the
carrier, C, and the solute, A, and can also contain solvent, S,
up to the solubility limit. The entering solvent, S, can contain
C and A, but preferably contains little of either, 1t any.
Because most liquid-liquid equilibrium data are given 1in
mass rather than mole concentrations, let:

F' = mass flow rate of feed to the cascade
S = mass flow rate of solvent to the cascade
E,, = mass flow rate of extract leaving stage n
, = mass flow rate of ratfinate leaving stage n
(y;)), = mass fraction of species i in extract leaving stage n

(x;),, = mass fraction of species i inratfinate leaving stage n

Although Figure 8.13 might seem to imply that the extract is
the light phase, either phase can be the light phase. Phase
equilibrium may be represented, as discussed 1 Chapter 4,
on an equilateral-triangle diagram, as proposed by Hunter
and Nash [26], or on a right-triangle diagram as proposed by
Kinney [27]. Assume, for illustration purposes, that the
ternary system is A (solute), C (carrier), and 5 (solvent) at a
particular temperature, 7, such that the iquid-liquid equilib-
rium data are represented on the equilateral-triangle diagram
of Figure 8.14, where the bold line is the equilibrium curve
and the dashed lines are the tie lines that connect equilibrium
phases of the equilibrium curve (also called the binodal
curve because the plait point separates the curve 1nto an ex-
tract and a raffinate). The equilibrium tie lines slope upward
from the C side of the diagram toward the S side. Theretore,
at equilibrium A has a concentration higher in S than 1n C.
Thus, S 1s an effective solvent for extracting A from a mix-
ture with C. On the other hand, because the tie lines slope
downward from the S side toward the C side, C is not an
effective solvent for extracting A from S.

Some ternary systems, such as isopropanol-water—
benzene, exhibit a phenomenon called solutropy, wherein
moving from the plait point, the tie lines first slope 1n one di-
rection. However, the slope diminishes until an intermediate
tie line becomes horizontal. Below that tie line, the remain-
ing tie lines slope in the other direction. Sometimes, the
solutropy phenomenon disappears if mole-fraction coordi-
nates, rather than mass-fraction coordinates, are used.

Solvent §
. Ey
N-1 N
Figure 8.13 Countercurrent-flow,

Ry -1 Raffinate
| Ry N-equilibrium-stage liquid-liquid
extraction cascade.
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(Solvent) S

Number of Equilibrium Stages

From the degrees-ot-freedom discussion in Chapters 4

and 5, the following sets of specifications, for the cascade of

Figure 8.13 with a ternary system, can be made, where all
sets include the specification of F, (x;)r, (y;)s, and T~

Set 1. S and (x;)g,
Set 2. .8 and (_'}Q')El

.Set 3. (xi)RN and (}’E)El

where values of (x;)g, and (y;)g, and all exiting phases
must lie on the equilibrium curve.

Calculations for sets 1 to 3, which involve the determina-
tion of N, are made directly using.the triangular diagram.
Sets 4 to 6, which involve a specified N, require an iterative
procedure. We first consider the calculational procedure for
Set 1, with the procedures for Sets 2 and 3 being just minor
modifications. The procedure, sometimes referred to as the
Hunter—Nash method [26], involves three kinds of construc-
tion on the triangular diagram and 1s somewhat more diffi-
cult than the McCabe-Thiele staircase-type construction for
distillation. Although the procedure is illustrated only for
the Type I system, the principles are readily extended to a
Type 1l system. The constructions are shown in Figure 8.14,
where A 1s the solute, C 1s the carrier, and S 1s the solvent. On
the binodal curve, all extract compositions lie on the equilib-
rium curve to the left of the plait point, while all raffinate
compositions lie to the right. To determine the number of
stages, given the flow rates and compositions of the feed and
solvent, and the desired raffinate composition, the construc-
tions are as follows:

Set 4. N and (XE)RN
Set 5. N and (y;) g,
Set6.Sand N

Construction 1 (Product Points)

First, on Figure .14, we locate mixing point M, which rep-
resents the overall composition of the combination of feed, F,
and entering solvent, S. Assume the following feed and

Operating line
Equilibrium curve

Figure 8.14 Construction 1: Location of

C (Carrier) .
product points.

solvent specifications, as plotted in Figure 8.14, where pure
S 1s the solvent:

Feed Solvent
F =7250kg S =100 kg
(-XA)F = ().24 (XA)S = (.00
(xc)r=0.76 (xc)s = 0.00
(x¢)r = 0.00

:-I(xS)S — 1.00

The overall composition M for combined F and S is obtained
from the following material balances:

M=F+S§ =250+ 100 = 350 kg
(Xa)mM =(xa)rF +(x4)sS
= 0.24(250) + 0(100) = 60 kg
(xA)M — 60/350 = (.171

(xc)mM = (xc)rpF + (x¢c)sS
— 0.76(250) + 0(100) = 190 kg
(xc)ar = 190/350 = 0.543

(xs)mMM = (xs)rF + (x5)sS
— 0(250) + 1(100) = 100 kg
(xs)y = 100/350 = 0.286

From any two of these (x;)) values, point M is located, as
shown, 1n Figure 8.14. Based on the properties of the trian-
gular diagram, presented 1n Chapter 4, point M must be
located somewhere on the straight line connecting F and S.
Theretore, M can be located knowing just one value of (x;),,,

say (xs)um. Also, the ratio S/F is given by the inverse-
lever-arm rule as

S/F =MF/MS = 100/250 = 0.400

Or

S/M = MF/SF = 100/350 = 0.286

Thus, point M can be located by two points or by measure-
ment, employing either of these ratios.



With point M located, the composition of extract, £,
exiting from a countercurrent, multistage extractor, can be
determined trom overall material balances:

M = Ry + E, =350kg
(xa)mM = 60 = (x4)ry, Rn + (x4)E, E
(xc)mM =190 = (xc) gy Ry + (xc)E, £
(xs)puM = 100 = (x5)py Ry + (X5)E, £)

Because the raffinate, Ry, 1s assumed to be at equilibrium,
its composition must lie on the equilibrium curve of Fig-
ure 8.14. Therefore, if we specify the value (x4)g, = 0.025,
we can locate the point Ry, and the values of (x¢)g, and
(xs) g, can be read from Figure 8.14. A straight line drawn
from Ry through M will locate E; at the intersection of the
equilibrium curve, from which, in Figure 8.14, the composi-
tion of E; can be read. Values of the flow rates Ry and £j can
then be determined from the overall material balances above
or from Figure 8.14 by the inverse-lever-arm rule:

Ey/M =MRyN/E\RN
Ry/M = ME;/E1Ry

with M = 350 kg for this illustration. By either method, we
find:

Raffinate Product Extract Product
Ry = 198.6 kg E, = 151.4 kg
(x4) Ry = 0.025 (x4)g, = 0.364
(JCC)RN = (.90 (IC)EI = 0.075
(XS)RN = 0.075 (JCS)E! = (0.561

Also 1included in Figure 8.14 1s the point M ,ax, which lies
on the equilibrium curve along the straight line connecting
F to S. M. corresponds to the maximum possible solvent

addition. If more solvent were added, two liquid phases could
not exist.

Construction 2 (Operating Point and Lines)

In Chapters 6 and 7, we learned that an operating line is the
locus of passing streams in a cascade. Referring to Fig-
ure 8.13, material balances around groups of stages tfrom the

o
e

A
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feed end are
(3-5)

Because the passing streams are difterenced, P defines a
difference point rather than a mixing point. From the same
geometric considerations as apply to a mixing point, a dif-
ference point also lies on a straight line drawn through the
points involved. However, while the mixing point always
lies inside the triangular diagram and between the two end
points, the difference point usually lies outside the triangular
diagram along an extrapolation of the line through two
points such as ' and E;, Ry and §, and so on.

To locate the difference point, two straight lines are
drawn, respectively, through the point pairs (£, F) and
(S, Ry), which are established by Construction 1 and shown
in Figure 8.15. These lines are extrapolated until they inter-
sect at difference point P. Figure 8.15 shows these lines and
the difference point, P. From (8-5), straight lines drawn
through points on the triangular diagram for any other pair ot
passing streams, such as (E,, R,—1), must also pass through
point P. Thus, we refer to the difference point as an operating
point, and the lines drawn through pairs of points tfor passing
streams and extrapolated to point P as operating lines.

The difference point has properties similar to those of the
mixing point. If ¥ — £, = P 1s rewritten as F = £, + P,
we see that F' can be interpreted as the mixing point for P
and E,. Therefore, by the inverse-lever-arm rule, the length
of line E; P relative to the length of the line F P is given by

F—-FE=-+=R, 1 —FE,=---=Ry—-85=P

E;P E +P F
FP  Ei  E;

(8-6)

Thus, point P can be located, if desired, by measurement
with a ruler using either pair of feed-product passing
streams.

The operating point, P, lies on the feed or raffinate side ot
the triangular diagram in the illustration of Figure 8.195.
Depending on the relative amounts of feed and solvent and
the slope of the tie lines, point P may be located on the sol-
vent or feed side of the diagram, and inside or outside the
diagram.

Tie line
Operating line
Equilibrium curve

A‘ Operating
A0 ;}nt
o N . , A _—__E)perati;lg ine | Figure 8.15 Construction 2: Location
90 80 70 60 50 40 30 20 10 of operating point.
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Construction 3 (Equilibrium Lines)

The third type of construction involves the dashed tie lines
that connect opposite sides of the equilibrium curve, which
1s divided into the two sides by the plait point, which for
type I diagrams is the point where the two equilibrium
phases become one phase. A material balance around any
stage n for any of the three components 1s

(xf)n-—-l anl - (}"E)n—l—l En bl (xi)n Rn T (yf)n En (8"7)

Because R, and E, are in equilibrium, their composition
points are on the triangular diagram at the two ends of a tie
line. Typically a diagram will not contain all the tie lines
needed. Tie lines may be added by centering them between
existing experimental or predicted tie lines, or by using
either of two interpolation procedures illustrated in Fig-
ure 8.16. In Figure 8.16a, the conjugate line from the plait
point to J 1s determined from four tie lines and the plait
point. From tie line D E, lines DG and E I are drawn paral-
lel to triangle sides C B and AC, respectively. The intersec-
tion at point H gives a second point on the conjugate curve.
Subsequent intersections, using the other tie lines, establish
additional points from which the conjugate curve 1s drawn.
Then, using the curve, additional tie lines are drawn by
reversing the procedure. If 1t 1s desired to keep the conju-
gate curve inside the two liquid-phase region of the triangu-
lar diagram, the procedure illustrated in Figure 8.16b 1s used,
where lines are drawn parallel to triangle sides AB and AC.

Stepping off Stages

Equilibrium stages are stepped off on the triangular diagram
by alternating the use of tie lines and operating lines, as shown
in Figure 8.17, where Constructions 1 and 2 have already been
employed to locate the five points F, E, S, Ry, and P. We start
at the teed end from point £;. Referring to Figure 8.13, we see
that R; 1s in equilibrium with E;. Therefore, by Construction
3, R, 1in Figure 8.17 must be at the opposite end of a tie line
(shown as a dashed line) connecting to £;. From Figure &.13,
R passes E,. Theretore, by Construction 2, E, must lie at the

.0.0‘

v" VV

30

Figure 8.16 Use of conjugate curves to interpolate tie lines:
(a) method of International Critical Tables, Vol. 111, McGraw-

Hill, New York, p. 393 (1928); (b) method of T.K. Sherwood,

Absorption and Extraction, McGraw-Hill, New York, p. 242 (1937).

From R.E. Treybal, Liquid Extraction, 2nd ed., McGraw-Hill, New York
(1963) with permission. |

intersection of the straight operating line, drawn through
points R; and P, and back to the extract side of the equilibrium
curve. From E,, we locate R, with a tie line by Construction 3;
from R,, we locate E3 by Construction 2. Continuing in this
fashion by alternating between equilibrium tie lines and oper-
ating lines, we finally reach or pass the specified point Ry. If
the latter, a fraction of the last stage 1s taken. In Figure 8.17
approximately 2.8 equilibrium stages are required, where
stages are counted by the number of tie lines used.
Procedures for problem specification sets 2 and 3 are very
similar to that for set 1. Sets 4 and 5 can be handled by iter-
ation on assumed values for S and following the above pro-
cedure for set 1. Set 6 can also use the procedure of set 1 by
iterating on k.
- From (8-6), we see that if the ratio F'/ E | approaches a value
of 1, the operating point, P, will be located at a large distance

Tie line

Operating line
Equilibrium curve

= ) P

"

Figure 8.17 Determination of the
number of equilibrium stages.



from the triangular diagram. In that case, using an arbitrary
rectangular-coordinate system superimposed over the triangu-
lar diagram, the coordinates of P can be calculated from (8-6)
using the equations for the two straight lines established in
Construction 2. Operating lines for intermediate stages can
then be located on the triangular diagram so as to pass through
P. Details of this procedure are given by Treybal [25].

Minimum and Maximum Solvent-to-Feed
Flow-Rate Ratios

The graphical procedure just described for determining the
number of equilibrium stages to achieve a desired solute ex-
traction for a given solvent-to-feed flow-rate ratio presup-
poses that this ratio 1s greater than the minimum ratio corre-
sponding to the need for an infinite number of stages, but less
than the maximum ratio that would prevent the formation of
the required second liquid phase. In practice, one usually de-
termines the minimum ratio before solving specification sets
1 or 2. In essence, we must solve set 4 with N = oo, where,
as 1n distillation, absorption, and stripping, the infinity of
stages occurs at a pinch point of the equilibrium curve and the
operating line(s). In ternary systems, the pinch point occurs
when a tie line 1s coincident with an operating line. The cal-
culation 1s somewhat involved because the location of the
pinch point 1s not always at the feed end of the cascade. Con-
sider the previous A—C-S system, as shown in Figure 8.18.
The points F, §, and Ry are specified, but E; is not because
the solvent rate has not yet been specified. The operating line
O L 1s drawn through the points § and Ry and extended to the
left and right of the diagram. This line is the locus of all pos-
sible material balances determined by adding S to Ry. Each
tie line 18 then assumed to be a pinch point by extending each
tie line until it intersects the line OL. In this manner, a
sequence of intersections, Pj, P,, P3, and so on, is found. If
these points lie on the raffinate side of the diagram, as in Fig-
ure 8.18, the pinch point corresponds to the point P, located
at the greatest distance from Ry. If the triangular diagram
does not have a sufficient number of tie lines to determine
that point accurately, additional tie lines are introduced by a

Raffinate
side

Extract

Si::'4 .. «‘ ‘ O ,
égég%’gég?\l\?
o ll“ .,? A?’.éu...

40 30

C'P2
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method described previously and illustrated in Figure 8.16. If
we assume in Figure 8.18 that no other tie line gives a point
P; farther away from Ry than P, then P; = Ppyi,.

With P, known, an operating line can be drawn through
point F'and extended to E; at an intersection with the extract
side of the equilibrium curve. From the compositions of the
four points, S, Ry, F, and E|, the mixing point M can be
found and the following material balances can then be used
to solve for Spin/ F:

F+ Spn=Ry+E =M (8-8)
(xA)FF T (XA)SSIHiI"i — (XA)MM (8"9)
from which
Smin o
 (xa)r = (xadm (8-10)

F (Xxa)m — (x4)s
A solvent flow rate greater than S,,;, must be selected for the
extraction to be conducted in a finite number of stages. In
Figure 8.18, such a solvent rate results 1n an operating point
P to the right of P,;,, that 1s, at a location farther away from
Ry. A reasonable value tor § might be 1.5 Sy, From Fig-
ure 8.18, we find (x4)y = 0.185, from which, by (8-10),
Smin/F = 0.30. In our example of Figure 8.17, we used
S/F = 0.40, eiving S/ Smin = 1.33.

In Figure 8.18 the tie lines slope downward toward the
raffinate side of the diagram. If the tie lines slope downward
toward the extract side of the diagram, the above procedure
for finding Spmin/ F must be modified. The sequence of points
P,, P,, P5, and so on, is now found on the other side of the di-
agram. However, the pinch point now corresponds to that
point, Pnin, that 1s closest to point S and an operating point, P,
must be chosen between points Py, and S. For a system that
exhibits solutropy, intersections P;, P,, and so on, will be
found on both sides of the diagram. Those on the extract side
will determine the minimum solvent-to-feed ratio.

In Figure 8.14, the mixing point M must lie in the
two-phase region. As this point 1s moved along the line S F
toward S, the ratio S/F 1ncreases according to the mverse-
lever-arm rule. In the limit, a maximum S/F ratio is reached
when M = M.« arrives at the equilibrium curve on the

Tie line

Operating Iin?
Equilibrium curve

Figure 8.18 Determination of

1= P min .. .
minimum solvent-to-feed ratio.
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extract side. At this point, all of the feed 1s dissolved 1n the

solvent, no raffinate is obtained, and only one stage is
required. To avoid this impractical condition, as well as the
other extreme of infinite stages, we must select a solvent
ratio, S/F, such that (S/F)min < (S/F) < (S/F)max. In
Figure 8.14, the mixing point M, 1s located as shown, from
which (S/F ).« 1 determined to be about 16.

Acetone 1s to be extracted trom a teed mixture of 30 wt% acetone
(A) and 70 wt% ethyl acetate (C) at 30°C by using pure water (S)
as the solvent by the cascade shown at the bottom of Figure 8.19.
The final ratfinate 1s to contain 5 wt% acetone on a water-free basis.
Determine the minimum and maximum solvent-to-feed ratios and
the number of equilibrium stages required for two intermediate S/F
ratios. The equilibrium data, which are shown in Figure 8.19 and
are taken from Venkataranam and Rao [28], correspond to a type |
system, but with tie lines sloping downward toward the extract side
of the diagram. Thus, although water is a convenient solvent, it
does not have a high capacity, relative to ethyl acetate, for dissolv-
ing acetone. The flow diagram of the cascade in Figure 8.19 shows
the nomenclature to be used for this example. Also, determine, for
the feed, the maximum weight percent acetone that can enter the
extractor. This example, as well as Example 8.2 later, are taken
largely from an analysis by Sawistowski and Smith [29].

SOLUTION

Point B represents the solvent-free final raffinate. By drawing a
straight line from B to S, the intersection with the equilibrium curve
on the raffinate side, B’, is the actual raffinate composition leaving
stage V.

Acetone
A

———- Tie line

Operating line
Equtlibrium curve

Minimum S/F. Because the tie lines slope downward toward the
extract side of the diagram, we seek the extrapolated tie line that
intersects the extrapolated line SB closest to S. This tie line, lead-
Ing to Pin, 1s shown in Figure 8.20. The intersection 1s not shown
because it occurs far to the left of the triangular diagram. Because
this tie line is at the feed end of the extractor, the location of the
extract composition, D’ . _is determined as shown in Figure 8.20.

min’
The mixing point, My, for (S/F)min 1S the intersection ot lines

B’D'min and SF. By the inverse-lever-arm rule, (S/F)min =

FM i /SMpin = 0.60.

Maximum S/F. If M in Figure 8.20 is moved along line FS
toward S, the intersection for (S/F ).« occurs at the point shown on
the extract side of the binodal curve. By the inverse-lever-arm rule,
using line FS, (S/F)max = FMumax/SMmax = 12.

Equilibrium stages for other S/F ratios. First consider S/F =
1.75. In Figure 8.19, the composition of the saturated extract D' is
obtained from a material balance about the extractor,

S+F=D +B' =M

For S/F =1.75, point M can be located such that FM/MS = 1.75.
A straight line must also pass through D', B’, and M. Therefore, D’
can be located by extending B’M to the extract envelope.

The flow difference point P is located to the left of the triangu-
lar diagram. Therefore, P = S — B’ = D’ — F. It is located at the
intersection of extensions of lines £ D’ and B’S.

Stepping off stages poses no problem. Starting at D', we follow
a tie line to L;. Then V> is located by noting the intersection of the
operating line L P with the phase envelope. Additional stages are
stepped off 1n the same manner by alternating between the tie lines
and operating lines. For the sake of clarity, only the first stage is
shown; four are required.

For S/F = 5(85/F)min = 3.0, M 1s determined and the stages
are stepped off in a similar manner to give two equilibrium stages.

‘ 10
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F I 50|Vem| I Figure 8.19 Determination of stages
(30% A) L ' pr | [PTOVA (5% 4)  for Example 8.1 with S/F = 1.75.
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In summary, for the countercurrent cascade, we have.

S/F (solvent/feed ratio) 0.60 .75 3 12
N (equilibrium stages) 0o 4 2 I
xp (Wt% acetone, solvent free) 64 62 50 30

If the wt% acetone in the feed mixture is increased from the
base value of 30%, a feed composition will be reached that cannot

60
[Jax W1t % acetate

70 80

90 | Acetate

B Figure 8.20 Minimum and maximum
S/F tor Example 8.1.

be extracted because two liquid phases in equilibrium will not form
(no phase splitting). This feed composition is determined by
extending a line from §, tangent to the equilibrium curve, until it
intersects AC. This is shown as point D in Figure 8.20. The feed
composition i1s 64 wt% acetone. Feed mixtures with a higher ace-
tone content cannot be extracted with water.

Use of Right-Triangle Diagrams

As discussed in Chapter 4, diagrams other than the
equilateral-triangle diagram are used for calculations involv-
ing ternary liquid-liquid systems. Ternary, countercurrent
extraction calculations can also be made on a right-triangle
diagram as shown by Kinney [27]; no new principles are
involved. The disadvantage is that mass-percent composi-
tions of only two of the components are plotted; the third
being determined, when needed, by difference from 100%.
The advantage of right-triangle diagrams is that ordinary rec-
tangular-coordinates graph paper can be used and either one
of the coordinates can be expanded, if necessary, to increase
the accuracy of the constructions.

A nght-triangle diagram can be developed from an
equilateral-triangle diagram as shown in Figure 8.21a, where
the coordinates in both diagrams are in mass fractions or in
mole fractions. Point P on the equilibrium curve and tie line
RE in the equilateral triangle become point P and tie line RE
1n the right-triangle diagram, which uses rectangular coordi-
nates, xa and xc, where A 1s the solute and C is the carrier.

Consider the right-triangle diagram in Figure 8.22 for
the A—C-S system of Figure 8.14. The compositions of S
- (the solvent) and A (the solute) are plotted in weight (mass)
fractions, x;. For example, point M represents a liquid mix-
ture of overall composition (xp = 0.43, x5 = 0.28). By dif-
ference, xc, the carrier, which is not shown on the diagram,

1s 1 —0.43 —0.28 = 0.29. Although lines of constant xc

are included on the right triangle of Figure 8.22, such lines
are usually omitted because they clutter the diagram. As with
the equilateral-triangle diagram, Figure 8.22 for a right tri-
angle includes the binodal curve, with extract and raffinate
sides, tie lines connecting compositions of equilibrium
phases, and the plait point, at x4 = 0.49.

Because point M talls within the phase envelope, the mix-
ture separates into two liquid phases, whose compositions are
given by points A" and A” at the ends of the tie line that
passes through point M. In this case, the extract at A” is richer
in the solute (A) and the solvent (S) than the raffinate at A’.

Point M might be the result of mixing a feed, point F,
consisting of 26,100 kg/h of 60 wt% A in C (x5 = 0.6, x5 = 0),
with 10,000 kg/h of pure furfural, point S. At equilibrium,
the mixture splits into the phases represented by A" and A”.
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